
6.2.1 Introduction

Hydrocracking is a catalytic process that converts
heavy oils to lighter fractions primarily by means
of aromatic saturation, cracking, and isomerization
reactions in the presence of hydrogen. It is one of
two major conversion processes used in modern
refining. The other process is Fluid Catalytic
Cracking (FCC), which is mainly used for gasoline
production, while hydrocracking plays a more
versatile role, being equally flexible at producing
middle distillates. Hydrocracking has been widely
accepted because of its capability to produce
superior quality products: highest quality middle
distillates; naphthas with high naphthene content
for catalytic reformer feed; lube oil base stocks;
feedstocks for FCC units and pyrolysis processes
for ethylene production.

During the last two decades of the Twentieth
century the primary driver for growth in the
demand for fuels has been middle distillates, while
worldwide growth in gasoline demand has been
more modest. For example, the worldwide
distillate-to-gasoline ratio in 1985 was 0.65; in
2005 this ratio was approximately 1.0. The growth
in middle distillate demand also coincided with a
strong environmental push towards cleaner
burning fuels. These factors have contributed to
surging interest in hydrocracking as the conversion
process of choice.

As shown in Table 1, hydrocracking is an
extremely versatile process. It accepts a wide
range of feedstocks and produces a variety of
products. The process is environment-friendly in
that it eliminates compounds from petroleum
products that would otherwise end up as hazardous
sulphur and nitrogen oxides in the atmosphere.
The exothermic reactions in hydrocracking result

in a low net requirement of fuel, and therefore gas
emissions from the process are also low. Table 2
presents the qualities of typical products from
hydrocracking.

The objectives of the hydrocracking process can
be illustrated well on a Stangeland diagram as
shown in Fig. 1 (Bridge and Mukherjee, 2003). On a
plot of hydrogen content against molecular weight,
the line representing the normal paraffins, showing
the maximum hydrogen content of hydrocarbons
present in petroleum stocks, is drawn. Regions
representing the hydrogen contents of saleable
kerosene/jet fuel, diesel, and lubricating oil-base
stocks are also depicted. All of these regions adjoin
the normal paraffin line because the performance
characteristics of these products suffer when low-
hydrogen-content aromatic compounds are present.
A curve showing the hydrogen contents of straight-
run distillates of Arabian light, i.e. high-quality
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Table 1. Feed and product types from hydrocracking 

Feed                   Primary product

Naphtha Liquefied petroleum gas

Atmospheric gas oils Naphtha, jet fuel

Light cycle oils Naphtha 

Light coker gas oils Naphtha, jet fuel 

Vacuum gas oils Naphtha, jet fuel, diesel 

Vacuum gas oils
FCC feed, ethylene unit feed,
lube unit feed

Heavy coker gas oils Jet fuel, diesel, FCC unit feed

Visbreaker gas oils Jet fuel, diesel, FCC unit feed

Deasphalted oil FCC unit feed, lube unit feed

Liquid from gas-to-liquid Diesel, lube unit feed

Aromatic extracts Jet fuel, diesel 
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crude produced in Saudi Arabia, is also plotted.
Although middle distillate stocks have hydrogen
contents which are acceptable from a burning point
of view, their sulphur levels are outside product
specifications and hydrotreating is required to make
finished products. This diagram can also be used to
compare the hydrogen contents of different
potential feedstocks. For example, at a molecular
weight of 260, the hydrogen contents of straight-run
gas oils, coker gas oils, and FCC cycle oils (all
from Arabian light stocks) are about 13, 11.5, and
10 wt%, respectively. Since a 1 wt% difference in
hydrogen content translates to about 120 Nm3/m3

(710 SCF/bbl) of hydrogen, much more hydrogen is
needed to give equivalent products when using
cracked feedstocks with respect to that necessary
with straight-run feeds.

This chapter focuses on hydrocracking for
fuels. Hydrocracking of residues to produce

low-sulphur fuel oils and feeds for fluid cracking
units is another use of this versatile technology. In
recent times hydrocracking of residues and fuels
has been successfully integrated in order to
produce finished products from vacuum tower
bottoms. Table 3 shows the various forms of
hydrocracking with typical applications. 
Fig. 2 illustrates how hydrocracking can be used in
different scenarios to maximize refinery profit
margins. Another option is the use of the
hydrocracked heavy products to feed an ethylene
plant.

6.2.2 Evolution of hydrocracking

Hydrocracking traces its origins to Germany in the
period between the two World Wars. Germany had
an abundance of coal but very little crude oil
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Table 2. Typical product quality from hydrocracking 

Product Characteristic

Light naphtha High isoparaffin content and therefore reasonably high octane numbers

Heavy naphtha High content of single-ring hydrocarbons (naphthenes)

Jet fuel High smoke point, low aromatics, low freeze point

Diesel fuel High cetane number, low aromatics and sulphur, very good cold flow properties 
(pour point; cloud point; Cold Filter Plugging Point, CFPP)

Heavy products Very hydrogen-rich, low sulphur, low nitrogen; very good feedstock for FCC units, 
ethylene units, or lube oil dewaxing and hydrofinishing facilities 



reserves. Intense research into coal liquefaction
led to the world’s first hydrocracker in Leuna,
Germany, in 1927. Conversion of coal to liquid
fuels was a catalytic process, operating at very
high pressures (200-700 bar) and high
temperatures (375-525°C). One of the earliest
hydrocracking processes to convert heavy
petroleum oils to lighter fuels was a joint
development between I.G. Farbenindustrie in
Germany, in collaboration with Standard Oil of
New Jersey (Scherzer and Gruia, 1996). Among
early catalyst systems, pelleted tungsten sulphide
was the most successful (Steegstra and Mukherjee,
2004). Other hydrocracking catalysts used during
this phase were iron or nickel supported on
fluorinated montmorillonite and nickel supported
on silica-alumina.

With the discovery and rapid expansion of
Middle Eastern oil fields, the dependence on coal
waned and there was a period of low interest in
hydrocracking. Newly-developed catalytic
cracking processes, in particular FCC, proved to
be more economical for converting heavy
petroleum fractions to gasoline. It was only in
1959 that hydrocracking of petroleum fractions
became a commercial reality when the Chevron
Research Company, then known as the California
Research Company, announced a new
hydrocracking process called ISOCRACKING. In
the early 1960s, the Union Oil Company, in
collaboration with Esso, introduced a
hydrocracking process called Unicracking-JHC.
Universal Oil Products (UOP) announced the
Lomax hydrocracking process. 

Nickel or nickel-tungsten on silica-alumina were
used as catalysts in these processes.

Several factors contributed to the rapid
development of hydrocracking. The automobile
industry began to manufacture high-performance
cars that required premium gasoline. As FCC units
became a staple part of refinery configurations,
much cracking refractory cycle stock (light and
heavy cycle oils) was generated along with the
gasoline. Therefore, there was an urgent need to
convert Light Cycle Oil (LCO), in particular, to
gasoline; this necessity was satisfied by the use of
hydrocracking. Railroads shifted from steam to
diesel engines and commercial air travel increased
dramatically. The demand for diesel and low
freezing point aviation turbine fuel, or jet fuel,
increased rapidly and hydrocracking was the one
process that had the flexibility to meet these
demands.

Worldwide growth continued at a steady pace
until the early 1970s, then slowed down and the
focus shifted to the more economical FCC for
gasoline production, also thanks to the
introduction of the new zeolite catalysts (Scherzer
and Gruia, 1996).

Environmental lobbying in the United States
led to a decline in grassroots construction, and in
the 1980s and early 1990s, hydrocracking grew
slowly in the United States. At the same time,
Europe and the emerging economies in Asia and
the Middle East witnessed rapid increases in
middle distillate demand. From the early 1990s,
first Europe and then the rest of the world started
implementing stricter environmental regulations
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Table 3. Various forms of hydrocracking with typical applications 

Process
Conversion
level (%)

Primary product Product destination

Mild hydrocracking 10-35 FCC Feed FCC

Fuels hydrocracking 40-100 FCC Feed
LPG
Naphthas
Jet fuel
Diesel 
Ethylene plant feed
Lube unit feed

FCC
Finished product
Catalytic reforming 
Finished product
Finished product
Pyrolysis heaters
Lube units, usually employing all-hydroprocessing route 

Residue hydrocracking 35-85 Low-sulphur fuel oil 
Synthetic fuel

Finished product
Pipeline to refineries

Residue hydrocracking 
with integrated fuels
hydrocracking

30-90 Low-sulphur fuel oil 
Synthetic fuel
FCC feed
Naphtha 
Diesel  

Finished product to power plant or other users
Pipeline to refineries
FCC
Catalytic reforming 
Finished product



that again propelled hydrocracking as the
technology of choice for achieving higher
conversion of heavier sour crudes while meeting

the quality requirements of environment-friendly
diesel and high-performance jet fuel and
gasoline. By the late 1990s and into this century,
most refiners had embraced one or more of the
following technologies in order to stay in
business: a) increased distillate hydroprocessing
(revamp or grassroots); b) VGO (Vacuum Gas
Oil) hydrotreating followed by FCC with
distillate hydroprocessing at higher pressures to
handle FCC cycle oils; c) distillate
hydroprocessing in combination with FCC
gasoline desulphurization; d) distillate
hydroprocessing in combination with mild
hydrocracking (upstream of FCC) and FCC; 
e) hydrocracking with FCC or hydrocracking
with lubes; f ) integrated hydrocracking and
distillate upgrading with or without FCC; 
g) residue hydrocracking in combination with
distillate hydroprocessing; h) residue
hydrocracking in combination with integrated
fuels hydrocracking to make finished products;
and i) residue desulphurization in combination
with Residue Fluid Catalytic Cracking 
(RFCC). Furthermore, most refiners had already
invested capital in catalytic reforming units, 
and hence the hydrocracked naphtha with its 
high naphthenes content was an ideal 
reforming feed.

At the same time as the growth of
hydroprocessing, especially high-pressure
hydroprocessing, there has been a gradual
decline in interest in new FCC capacity. This
trend has been driven primarily by environmental
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concerns because, by itself, an FCC unit does not
improve the sulphur balance of a refinery.
European demand for diesel has continued to rise
with the rapid introduction of very 
high-performance diesel injection engines. The
demand for distillates in China and India is also
increasing rapidly. Environmentally friendly
middle distillates have thus become the 
primary driver for growth in hydrocracking 
and no slowdown is foreseen in the near 
future. Refiners are increasingly integrating
several processes into a single high-pressure loop
in order to save capital and to reduce refinery
operating complexity and emissions.
This trend has resulted in innovative schemes 
for upgrading previously-cracked and 
straight-run material in combined residue, 
fuels, and distillate hydroprocessing units
(Mukherjee et al., 2003; Steegstra and
Mukherjee, 2004).

6.2.3 Hydrocracking chemistry

There are two broad classes of reactions that
occur in the hydrocracking process. The first class
of reactions involves hydrotreating, in which
impurities such as nitrogen, sulphur, oxygen, and
metals are removed from the feedstock. The
second class of reactions involves hydrocracking,
in which carbon-carbon bonds are cleaved with
hydrogen addition over bifunctional 
catalysts.

Hydrotreating
Hydrotreating chemistry is an integral part of

hydrocracking chemistry. The fundamental
reactions of this process are illustrated in the
following; for greater details see Chapter 3.1.

Hydrodesulphurization (HDS) of hydrocracker
feedstock generally occurs through direct
hydrogenolysis (Fig. 3). Carbon-sulphur bonds can
be broken readily in the presence of hydrogen and
the catalyst surface. Complete hydrogenation of
the surrounding aromatic rings in a compound like
dibenzothiophene is not necessary to remove
sulphur. Hydrodenitrogenation (HDN), on the
other hand, requires saturation of the cyclic
structure before the nitrogen can be effectively
removed. HDN is much more difficult to
accomplish than HDS, consumes much more
hydrogen, and its rate is enhanced at higher
hydrogen partial pressure.

The products from upstream conversion
processes, such as light coker gas oils and fluid

catalytic cracker cycle oils, contain a significant
amount of olefins, which are very readily
saturated in a hydrocracker. Virtually complete
olefin saturation usually occurs, and substantial
exotherms are observed in commercial
hydrocracking reactors with these feed
components.

Hydrogenation of polyaromatic molecules
occurs during hydrotreating and hydrocracking.
Saturation of an aromatic ring is required before
its cracking rate will be significant.

Hydrocracking
The reactions which occur in hydrocracking

are much more complicated than those of
hydrotreating. The mechanisms of hydrocracking
reactions of model compounds over bifunctional
catalysts have been studied extensively (Qader
and Hill, 1969; Langlois and Sullivan, 1970;
Weitkamp and Schultz, 1973; Weitkamp, 1975;
Sullivan et al., 1989). By and large, the
mechanisms of hydrocracking reactions are the
carbenium ion mechanism of catalytic cracking
reactions coupled with hydrogenation and
isomerization reactions. Excess hydrogen and the
hydrogenation component of the catalyst generate
hydrogenated products and inhibit secondary
reactions such as coke formation and
overcracking of intermediates.

Hydrocracking of n-paraffins occurs via the
following mechanistic steps (Scherzer and Gruia,
1996): a) adsorption on metal sites; 
b) dehydrogenation with formation of n-olefins; 
c) desorption from metal sites and diffusion to acid
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sites; d) skeletal isomerization and/or cracking of
olefins (b scission) on the acid sites through
carbenium ion intermediates; e) desorption of
formed olefins from acid sites and diffusion to
metal sites; f ) hydrogenation of these olefins 
(n- and iso-) on metal sites; g) desorptionof
resulting paraffins. Fig. 4 illustrates these
reaction steps.

It should be noted that the reaction paths
leading to the formation and cracking of a tertiary
carbenium ion are preferred. Additionally, the
hydrogenation/dehydrogenation and isomerization
reactions are reversible, while the cracking
reactions are irreversible.

The product distributions obtained when
cracking n-hexadecane with catalysts containing a
range of Hydrogenation/Acidity (H/A) ratios are
shown in Fig. 5. As the H/A ratio of the catalyst
increases, a wider spread of products with higher
liquid yields is obtained. With high H/A ratio
catalysts, the rate-determining steps (b scission

and isomerization) occur at the acid sites
(Weitkamp and Ernst, 1990).

The reaction mechanism of hydrocracking
polycyclic aromatics involves partial hydrogenation,
ring opening, alkyl transfer, ring closure,
isomerization, and cracking. Once hydrogenated,
the aromatics are transformed into readily-cracked
naphthenes. Qader et al. (1973) documented the
hydrogenation/isomerization/cracking reaction
sequence and observed that the hydrocracking
reactions follow first-order kinetics with respect to
feed polyaromatic concentration. It is particularly
noteworthy that the hydrocracking of polycyclic
aromatics leads to the formation of monoaromatics,
which enhance the octane number of the product
naphtha.

The reaction sequence for hydrocracking
industrial VGOs is complex. The polyaromatics
and nitrogen heterocyclic compounds are
adsorbed strongly at catalytic sites, thereby
reducing catalyst activity. These materials also

278 ENCYCLOPAEDIA OF HYDROCARBONS

CATALYTIC CONVERSION PROCESSES

R1
n-paraffin n-olefin

secondary carbenium ion

tertiary carbenium ion

CH2CH2 R1 CHCH2 R2 CH CH2 R2

�2H

(M)

iso-olefin

carbenium
ion

paraffin

iso-paraffin

R1 CH CH2 R2

�2H

(M)

R1

n-olefin
CH�CH2

R1 CH

CH2 R2

CH2�CH2

CH3

R2b

(A)

R1 CHCH R1 CH2CH2 R2 CH� CH2 R2

�H�

(A)

R1 C CH2 R2
�

�

�
R1

iso-olefin
C

CH3
R1

CH2 R2

CH2�C

CH3 CH3

CH3

b

�
� �

(A) R1 C CH R2

R2

�H�

(A)

�2H

(M)
R1 C

CH3

CH2 R1 CH

CH3

CH3

isom.

b = beta scission

A = acid site

M = metal site 

R2
�

R2
�

Fig. 4. Hydrocracking
mechanism for
n-paraffins.



tend to deposit coke on the catalyst and cause
further deactivation. On top of that, bulky, 
high-boiling species are unable to readily diffuse
into catalyst pores to be processed. To elucidate
the reaction sequence, Chevron Lummus 
Global followed the changes in chemical groups
in the product with time as a Mexican 
VGO was converted (Fig. 6; Sullivan and
Dahlberg, 2001).

As the VGO is converted, aromatics are
saturated and sulphur-containing thiophenic
species are desulphurized. After approximately
30% conversion, naphthenic compounds are then
cracked as the processing continues. 
Paraffins and a small concentration of large cyclic

compounds are the last chemical groups to react.
The hydrogen consumption with this feed is 
quite substantial, being approximately 1,500
SCF/bbl at approximately 55% 
conversion.

While the reaction sequence in the
hydrocracking of industrial feedstocks is very
complex, the products obtained are of very high
quality: because naphtha does not contain sulphur,
etc., it is a very clean, reactive feed for catalytic
reforming; the burning characteristics of the
distillates are superior; and the bottoms stream is
excellent ethylene plant or lube oil feedstock
(Krishna, 1999). 

6.2.4 Kinetics

Despite the complexity of hydrocracking
feedstocks, process schemes, and catalysts, 
the rates of reaction can be described in simple
mathematical terms. From kinetic theory, reaction
rate is:

dC/dt �k Cn

from which:

�
C

P

CF

dC/Cn��
t

0
k dt

where C is the concentration of reactant, CF
represents the feed, CP represents the product,
k is the rate constant, n is the reaction order
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and t is the time. If n�1 (first-order reaction),
then

k�LHSV ln (CF/CP)

where LHSV is the liquid hourly space velocity
(h�1). From empirical rate measurements in
laboratory tests, the rate constant is a function of
temperature,

k �A e –EA/RT

where A is the Arrhenius activity coefficient, 
EA is the activation energy, R is the universal 
gas constant and T is the temperature
(absolute).

From a considerable body of work, it is
generally accepted that hydrocracking reactions
can be adequately modelled by first-order
kinetics with respect to the concentration 
of hydrocarbon feedstock. 
The first-order rate expressions 
employed for typical hydrocracking reactions are
the following:

kHDS�LHSV ln (SF/SP)

kHDN�LHSV ln (NF/NP)

where SF and SP are the concentrations of
sulphur in the feed and product, respectively, NF and
NP are the concentrations of nitrogen in the feed and
product, respectively. It is important to note that
hydrocracking-reaction-rate data depend strongly on
temperature, pressure, feedstock, hydrogen partial
pressure and rate, and catalyst type.

The hydrodenitrogenation reactions which
occur in hydrocracking follow a first-order kinetic
model. First-order behaviour describes the data
over a range of product nitrogen covering four
orders of magnitude (Scott and Bridge, 1971). The
rate of hydrocracking of straight-run VGO also
follows first-order kinetics; the first-order model
fits the experimental data over a broad range of
cracking conversions.

For HDS kinetics, the reader is referred to
Chapter 3.1, where first- and second-order rate
effects are discussed.

The activation energy for a reaction system is a
measure of the response of the system to a change
in operating temperature. The typical activation
energies observed for different hydrocracking
reactions are reported in Table 4.

In practical terms, the catalyst system with a
lower activation energy requires a larger increase
in temperature to respond to an increase in process
severity, while it will be less prone to operating
difficulty during upsets in reactor temperature.

Another practical aspect of reaction kinetics is
the relationship between catalyst activity and
reactor size. For example, a catalyst that is
approximately 15°C more active than a reference
would have a reaction rate approximately twice as
fast as the reference at a given temperature.
Consequently, with the new catalyst, a reactor
volume half as large as that employed with the
reference catalyst could be used to convert the
same amount of feedstock at the same
temperature. The same catalyst, if reasonably
stable at this higher LHSV, could provide a reactor
design with a much lower cost than the reference
catalyst.

In hydrocracking, the rate of saturation of
aromatics (and the rate of denitrogenation of large
heterocyclic compounds) may be limited by
equilibrium. In other words, with a given
feedstock, catalyst, and hydrogen partial pressure,
there is an operating temperature above which the
aromatic saturation reaction will not continue to
proceed. Instead, the concentration of the product
aromatics will reach a low value and then begin to
increase as reaction temperature is increased. At
this point, the saturation reaction is said to be
equilibrium-limited.

As discussed in the preceding section on
hydrocracking reaction chemistry, different
classes of compounds in a VGO react at different
rates. When hydrotreating reactions are included,
the reactions which occur during hydrocracking
can be ranked in order of decreasing rate (i.e.
increasing difficulty): a) demetalization; b) olefin
saturation; c) desulphurization; 
d) denitrogenation; e) aromatics saturation; 
f ) cracking of naphthenes; and g) cracking of
paraffins (Scherzer and Gruia, 1996). For much
more detailed discussions of hydrocracking
reactions and kinetics, the reader is referred to a
review article by Girgis  and Gates (1991) and the
essay of Jaffe and Quann (1996).

For industrial hydrocracking applications, as
the feedstock becomes heavier (higher molecular
weight and higher boiling point distribution), its
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Table 4. Typical activation energies observed 
for different hydrocracking reactions 

EA (kcal/mol) Catalyst service

15 HDS with base metal/alumina catalyst

30 HDN with base metal/amorphous Si/Al

40 HCR with base metal/ amorphous Si/Al

50-70 HCR with base metal/zeolite



reaction rate is lower at a given temperature.
Generally speaking, heavier feeds are processed
at higher temperatures, higher hydrogen
partial pressures, and lower space velocities to
obtain satisfactory product yields 
and qualities.

Several species in hydrocracker feeds inhibit
the activity of the catalyst. Ammonia and organic
nitrogen compounds adsorb onto and block acid
sites of the hydrocracking catalyst. These species
‘neutralize’ the cracking sites and force the
catalyst to operate at higher temperatures to obtain
equivalent conversion. In some cases,
hese poisons can accelerate catalyst deactivation
due to by-product coking reactions on catalyst
surfaces.

High-molecular-weight polycyclic aromatics
can also occupy active sites and lead to operating
problems. If the catalyst system is operating at
higher temperatures to process a refractory
feedstock, these inhibitors can polymerize and
grow to form coke on both hydrogenation and
cracking sites. Additionally, the presence of small
quantities of very large polycyclic aromatics (7-15
ring aromatics) can lead to precipitation problems
on cold equipment surfaces due to very limited
solubility in process fluids. These very large
polycyclic aromatics can be formed in either the
first or second stage of a hydrocracker. 
The rate of formation of these species must be
controlled (e.g. by proper operating temperatures,
purging a heavy product stream, or separation) in
order to maintain product yield and catalyst
cycle length.

During operation, the hydrocracking catalyst
gradually loses activity (i.e. the reaction rate
decreases over time). To maintain conversion,
catalyst temperature is increased. As the required
temperature increases per unit time are relatively
small, the same load of catalyst can be operated
successfully for several years before 
replacement. The cycle length of a 
base-metal/zeolite catalyst can exceed 5 years 
in service, when the temperature increase rate
is approximately 0.5°C/month 
(Dahlberg et al., 1995).

6.2.5 Catalysts

Hydrocracking catalysts are bifunctional; i.e. they
contain two separate components. The component
which gives rise to the hydrogenation function
promotes hydrogenation reactions such as
desulphurization, denitrogenation, and aromatics

saturation. The component responsible for the
cracking promotes cracking reactions and
isomerization reactions.

The hydrogenation function is provided by
metals which are very well dispersed throughout
the catalyst. Typically, noble metals (platinum and
palladium) and other metals from Group VI
(molybdenum, tungsten) and Group VIII (cobalt,
nickel) are used in hydrocracking catalysts.

The cracking function is typically provided by
solid-acid components in the catalyst support.
These acidic components usually are: amorphous
oxides (silica-alumina); crystalline zeolite 
(e.g. Y zeolite and its modifications); or a mixture
of the first two.

Hydrocracking catalysts are carefully
formulated. The right components for each
function are selected, and the H/A ratio of the
catalyst is adjusted to meet selectivity (the desired
product) and stability (the cycle length)
requirements. Additionally, the catalyst needs to
be physically strong and robust, and a balance
between cost and performance is usually
achieved.

Hydrogenation function
The metal component of the hydrocracking

catalyst provides the hydrogenation/
dehydrogenation function. 
As mentioned above, commercial catalysts
typically use noble metals (platinum and
palladium) or base transition metals
(molybdenum, tungsten, nickel, and cobalt).
Several other metals, such as chromium, copper,
iron, rhodium, and ruthenium, have also been cited
as active materials for hydrocracking catalysts
(Scherzer and Gruia, 1996).

The hydrogenation activity of catalytic metals
decreases as follows: noble metals�sulphided
transition metals�sulphided noble metals
(Maxwell, 1987). For this reason, noble metal
hydrocracking catalysts are commonly used in
very-low-sulphur or sulphur-free environments 
(in a ‘clean’ second-stage reaction system with a
separate recycle gas). In some cases, sulphur as
hydrogen sulphide is left in the recycle gas to
reduce the hydrogenation activity of the noble
metal, thereby improving the octane number of the
product naphtha and limiting hydrogen
consumption.

As one would expect, the amount of metal in a
hydrocracking catalyst has a substantial effect on
its hydrogenation function. Studies in the technical
literature and in patent examples suggest 
that the noble metal loading of hydrocracking
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catalysts is typically �1 wt%. The base metal
content is substantially higher, with 2-8 wt%
cobalt or nickel, and 10-25 wt% molybdenum or
tungsten.

Along with the absolute amount of metal, the
ratio of different metal components significantly
affects the hydrogenation activity. When studying
the saturation of toluene in the presence of H2S,
the optimum atomic ratio r for Group VI and VIII
base metals was found to be �0.25 (Franck and Le
Page, 1981):

MVIIIr�111112
MVIII��VI

where MVI is the percentage atomic weight of
molybdenum or tungsten and MVIII is the
percentage atomic weight of cobalt or nickel.

The hydrogenation activity of the Group VI
and Group VIII metal combination increases as
follows: Co-W	Co-Mo	Ni-Mo	Ni-W.

Cracking function

Amorphous catalyst components
The amorphous catalyst components serve as

the metal support and possess some cracking
acidity. These amorphous components typically
consist of alumina, silica-alumina, fluorinated
alumina, or certain clays. They have no regular
structure on an atomic scale (i.e. they are
non-crystalline), but have a wide distribution of
pore sizes to allow high rates of molecular
diffusion and to provide large surface areas to
accommodate and disperse the metals effectively.

Alumina derived from bauxite is the starting
point for the raw material used in hydrocracking
catalysts. Upon hydrolysis, pseudoboehmite, a
microcrystalline type of boehmite, is formed.
Aging conditions (temperature, time, or pH) 
affect the crystallinity and pore size of the
material. When calcined at �300°C, g-Al2O3 is
produced. This alumina is often treated with an
acid in order to obtain good catalytic and 
physical properties.

Amorphous silica-alumina is commonly found
in a variety of hydrocracking catalysts and can be
prepared as a silica-alumina hydrogel in several
ways (Scherzer and Gruia, 1996). While
preparation variables affect the properties of the
final product, amorphous silica-alumina usually
has low-to-moderate cracking activity. The acidity
is believed to be derived from the tetrahedral
coordination of aluminum in a silica host (see
Chapter 6.1; Habib, 1994). The tetrahedral
coordination carries a negative charge, which is

compensated by a proton. This Brönsted acid is
then turned into a Lewis acid during thermal
treatment by dehydration.

Because of their moderate acidity, amorphous
silica-alumina hydrocracking catalysts are usually
operated at relatively high reactor temperatures
and low space velocities. However, this class of
catalysts can produce very high yields of middle
distillates and very high quality (high 
Viscosity index) waxy base oils. Additionally, 
due to their relatively high porosity, they are
efficient for the conversion of high-boiling, heavy
feedstocks.

Zeolitic cracking components
Zeolites are crystalline, microporous alumino-

silicates with molecular sieving and sorption
characteristics. Many zeolites are prepared in a
slurry process from sources of silica and alumina,
caustic, and organic agents which function as
templates. The synthetic zeolite is further
processed by ion exchange and thermal/chemical
treatments in order to produce a catalyst
component. Several kinds of zeolites, such as
ZSM-5, Y, and beta, are commonly found in
hydrocracking catalysts.

Zeolitic catalyst components possess very high
surface areas and generally are very acidic (i.e.
they contain many acid cracking sites). Their
molecular sieving capabilities present diffusional
limitations to large hydrocarbon molecules (see
Chapter 6.1). Consequently, in hydrocracking
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processes, these larger molecules are cracked on
the amorphous cracking sites. Due to the extensive
use of Y zeolites in hydrocracking catalysts, the
remainder of this section will focus on this family
of zeolitic components.

The Y-type zeolites are often modified by
removing aluminum from the framework before
they are used in hydrocracking catalysts. The
modifications can occur in several steps and
usually include ion exchange, thermal treatment,
and chemical dealumination. Fig. 7 schematically
depicts the modification process.

The typical NaY zeolite has a SiO2/Al2O3 ratio
of �5, a surface area of 800 m2/g, a particle size
of 0.5-3 mm, and �10 wt% sodium. Multiple
ammonium ion exchanges reduce the Na content
to �2 wt%, and a hydrothermal treatment
accomplishes the initial dealumination. The
hydrothermal treatment is a steam calcination at
high temperatures (�540°C). The calcination
conditions, as a single step or multistage process,
determine the degree of dealumination and unit
cell size of the product. Subsequent ammonium
exchanges remove most of the sodium remaining
in the material. At this point, the low sodium
ultrastable Y zeolite is useful in high-activity
hydrocracking catalysts selective for naphtha and
jet liquids (Scherzer and Gruia, 1996).

If further dealumination and reduction of unit
cell size is desired, acid washing coupled with
subsequent steam calcinations can be carried out.
Common leaching acids are ammonium
fluorosilicate and ethylenediaminetetraacetic acid.
After these treatments, the SiO2/Al2O3 ratio is
increased to the range of 20-90, and the sodium
content is extremely low. This class of
dealuminated Y zeolites is useful in lower activity
hydrocracking catalysts which are selective for the
production of middle distillates.

An increase in framework dealumination
reduces the unit cell size, and the resulting
structural changes in the zeolite affect its catalytic
properties (Dwyer et al., 1981). In pilot plant
studies, Bezman (1992) has found that activity,
selectivity, and stability are affected significantly
by the SiO2/Al2O3 ratio of the Y zeolite used in
noble metal hydrocracking catalysts.

Effects of catalyst composition on performance
Zeolite catalysts are significantly more active

for hydrocracking than amorphous catalysts.
Amorphous catalysts require higher temperatures
to obtain 50% conversion of a straight-run VGO,
whereas zeolite catalysts deactivate at a lower rate
(Hoek et al., 1991).

However, base metal/amorphous catalysts
provide a much greater selectivity for distillate
products than base metal/zeolite catalysts (Howell
et al., 1988). Fig. 8 shows that the amorphous
catalysts generate 2-4 LV% (Liquid Volume %)
more middle distillate over a range of VGO
conversions than a low-acidity zeolite formulation.
The yield advantage grows to �10 LV% for the
amorphous catalyst over a high-acidity zeolite
material.

The trade-off of the activity against selectivity
of the hydrocracking catalyst has been discussed
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by Kalnes et al. (2001). Other studies indicate that
a reduction in the Unit Cell Size (UCS) of the 
Y-zeolite increases kerosene selectivity for base
metal/zeolite catalysts. The lower UCS catalysts
also tended to produce less C1-C4 gas. Scherzer
and Gruia (1996) have put together a general
correlation between catalyst Y-zeolite content,
UCS, and selectivity, as shown in Fig. 9.

When the zeolite content of the hydrocracking
catalyst is relatively low (e.g. 	15 wt%), the non-
zeolitic component of the formula can have a
substantial impact on activity and selectivity
(Ward, 1993).

6.2.6 Processes

In principle, the flow scheme for any
hydrocracking unit comprises of four different
sections: a) a high-pressure reaction loop; 
b) a low-pressure vapour-liquid separation section;
c) a product fractionation section; and d) a 
make-up hydrogen compression section.

A hydrocracker consumes a large amount of
hydrogen, which is an expensive commodity in
most situations. Given that the amount of
treatment gas required in the reactor is several
times the chemical hydrogen consumption because
of hydrogen partial pressure and distribution
considerations, few refiners can afford to pass the
hydrogen a single time through the reactor without
attempting to recover the excess hydrogen in the
reactor effluent. Consequently, most hydrocrackers
have a significant high-pressure loop that accounts
for between 70 and 85% of the installed cost of the
hydrocracker.

General process description
Oil feed is preheated against final products,

filtered (depending on the nature of the feed), and
pumped to reaction pressures using a high-head
pump (Fig. 10). The oil feed is mixed with
hydrogen and heated by heat exchange with
reactor effluent. Final preheat is provided by a
reactor feed heater. There are two ways of
performing this final preheat: either by heating the
mixed phase or by heating the oil and hydrogen
gas streams separately. Mixed-phase heating
requires symmetrical piping in the heater which is
however less prone to fouling compared to an oil-
only heater. Providing the heat via hydrogen heat
alone is feasible but requires much higher
temperatures at the furnace outlet in order to raise
the oil and gas mixture temperature to reaction
temperatures. The mixed-phase reaction feed is

sent to a trickle-bed downflow reactor with
multiple beds. Depending on the conversion level
and the type of feed processed, the number of beds
can vary from two to eight.

The exothermic cracking and saturation
reactions result in a large heat release that
increases the temperature of the reactants. This
increased temperature further increases the rate of
reaction. In order to control this temperature rise
and the rate of reaction, the catalyst is separated
into several beds. Cold recycle gas is introduced
between the beds to quench the reacting fluids and
thereby control the extent of temperature rise and
the rate of reaction.

Reactor internals between the catalyst beds are
designed to ensure a thorough mixing of the reactants
with the quenching gas and a good distribution of the
vapour and liquid flowing down to the next bed. An
even distribution of the reactants across the catalyst
bed prevents hot spots and maximizes catalyst
performance and life. Most major process licensors
have invested considerable sums in research aimed at
the development of mixing devices that occupy very
little space and at the development of redistribution
trays, downcomers, and nozzles that provide effective
and uniform distribution of liquid and gas across the
entire cross-section of the reactor. Modern,
well-designed internals can reduce the radial
maldistribution to within 2-5°C for very large reactor
diameters (�4 m).

Heat is recovered from the reactor effluent by
heat exchange with the reactor feed, fractionation
section feed, and recycle hydrogen gas. Very often,
a steam generator is incorporated in the scheme,
as a reliable heat sink and as a means of
generating medium pressure steam to drive the
recycle gas compressor turbine.

The partially cooled reactor effluent is often
flashed in a Hot High Pressure Separator (HHPS).
The HHPS permits withdrawal of the heavy
unconverted oil at a high temperature so that heat
input to the product recovery section can be
minimized.

Vapour from the HHPS is further cooled by
heat exchange. At this point, water is continuously
injected into the inlet piping of the HHPS vapour
air cooler to prevent the deposition of salts in the
air-cooler tubes. Without the water injection,
ammonia (NH3) and hydrogen sulphide (H2S),
which are formed in the reactor from sulphur and
nitrogen in the feed, can form ammonium
hydrogen sulphide (NH4HS) at air-cooler
temperatures. This solid can deposit on the
air-cooler tubes, reduce heat transfer, and eventually
plug the tubes. Since ammonium hydrogen
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sulphide is soluble in water, the continuous
presence of water will dissolve any NH4HS that
has formed and thus prevent the deposition of
NH4HS solids in the air cooler tubes.

The HHPS effluent vapour air cooler cools
the effluent for maximum recovery of
hydrocarbon liquids from the vapour. The cooled
effluent is separated into its hydrogen-rich
vapour, hydrocarbon liquid, and water phases in
the Cold High Pressure Separator (CHPS). 
The sour water stream containing ammonium
bisulphide is sent to sour water stripping. The
hydrocarbon liquid is sent to the Cold Low
Pressure Separator (CLPS).

Some of the sour water from the fractionation
section can be re-used as injection water. In
general, the stripped water that is used for
injecting into the high-pressure system should
meet the specifications listed in Table 5.

In most complexes, about 50-60% of the
stripped sour water can be recycled if the
sour-water stripping unit is not handling sour
water with a high contaminant content. 
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Table 5. Specifications for stripped water injected 
into high-pressure systems 

ppmw: parts per million by weight 
ppbw: parts per billion by weight 

H2S (max) 1,000 ppmw

NH3 (max) 1,000 ppmw

O2 (max) 15 ppbw

Cl (max) 50 ppmw

Fe 	1 ppmw

Ca 	3 ppmw

PH 8-10 (preferred)



Such highly contaminated sour water may
originate from cracking units containing olefins
and cyanides.

Liquid from the HHPS is reduced in pressure
and sent to the Hot Low Pressure Separator
(HLPS). Hydrocarbon liquid from the CHPS is
combined with the vapour from the HLPS and
cooled in an additional air cooler before entering
the CLPS. Considering the high hydrogen
consumption in the hydrocracker, it is very often
essential to recover as much of the hydrogen from
various effluent streams as economically feasible.
Therefore, the hydrogen-rich vapour from the
CLPS is often sent to a Pressure Swing Absorption
(PSA) or membrane unit to recover hydrogen.
Recovered hydrogen is sent back to the make-up
hydrogen compression section.

The hydrogen-rich gas from the CHPS is sent
to a recycle gas compressor either directly or via a
H2S absorber, which typically uses an amine such
as MDEA (methyl diethanol amine) or DEA
(diethanol amine). There are many factors that
dictate the inclusion or exclusion of the H2S
absorber. Hydrogen sulphide, for example, can
recombine with olefins near the bottom of the
reactor (desulphurization reactions are equilibrium
processes) and affect diesel-fuel sulphur
specifications. Hydrogen sulphide can be
preferentially absorbed on the catalyst system and
affect performance. Moreover, the presence of H2S
depresses the hydrogen partial pressure, requiring
either a high-pressure bleed from the reactor gas
loop or an increase in system pressure. Most
grassroots units producing ultra-low sulphur diesel
as one of the products incorporate a H2S absorber.

The sweetened gas then flows to a knockout
drum and then to the recycle gas compressor. The
compressor suction line is heat traced to ensure a
liquid-free vapour. The recycle compressor then
delivers the recycle gas to the reactor loop. There
is a purge line located upstream of the recycle gas
compressor that can be used, if necessary, to send
amine-sweetened recycle gas to the flare. Purging
high-pressure gas is not required in normal
operation. Furthermore, an emergency dump line
is located upstream of the recycle gas compressor
to allow a rapid reduction of pressure in the
recycle loop, if necessary, in order to control
reactor temperatures during a loss of the recycle
compressor or other upsets.

Part of the recycle compressor discharge gas is
routed to the reactors where it acts as quench to
control the reactor temperature. The remaining
recycle gas that is not used for this function is
combined with make-up hydrogen to become the

reactor feed gas. Reliable, uninterrupted operation
of the recycle compressor is essential for the safe
operation of the plant. The most reliable recycle
compressor is a centrifugal machine with a steam
turbine driver.

The reactor feed gas for both stages is heated
by exchange with the HHPS vapour before
combining with the oil feed streams to each
reaction stage.

The hydrocracking unit requires a continuous
supply of high-pressure make-up hydrogen. In
addition to chemical consumption, hydrogen
leaves the system in off-gas from the CLPS, as
dissolved hydrogen in the product distillation feed,
and through leaks.

The make-up hydrogen compression facility
varies, depending on the supply pressure of the
hydrogen. In most cases, very high purity (99%�)
hydrogen is supplied from a PSA unit associated
with a steam-reformer producing hydrogen from
natural gas, Liquefied Petroleum Gas (LPG), or
naphtha. This hydrogen is available at
approximately 22 bar for optimum PSA unit
recovery. Consequently, two or very often three
stages of compression are required to boost the
hydrogen up to reaction pressures. Reciprocating
compressors are used for this function, and the
typical configuration involves three 50% machines
(two operating, one spare), with a common
spill-back line.

The fractionation section consists of a product
stripper and an atmospheric column. It is designed
to separate reaction products into light ends, heavy
naphtha, kerosene, light diesel, heavy diesel, and
unconverted oil.

Very often, the scope of the hydrocracking unit
also includes recovery of LPG, light naphtha, and
heavy naphtha. The light-ends section (sometimes
called the gas plant) then incorporates a 
de-ethanizer, a naphtha stabilizer (or 
de-butanizer), and a naphtha splitter column. In
addition, this section sometimes involves polishing
treatment for fuel gas, LPG, and heavy naphtha.
Without equipment fouling and failure problems,
plant shutdowns are usually limited to catalyst
regenerations or change-outs and to loss of
utilities (such as a power outage). A hydrocracker
turnaround to regenerate or replace catalyst
usually takes about 3-4 weeks. With typical
catalyst cycles of 3-4 years, this would result in a
97-98% onstream factor.

Single-stage once-through
The simplest configuration is Single-Stage

Once-Through (SSOT) shown as Fig. 11. This
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scheme is widely used for mild hydrocracking 
and for hydrocracking to conversion levels 
of approximately 70%. It is the least costly
scheme per barrel of feed but more expensive per 
barrel of light product generated. Therefore, 
it is mostly used when the refiner can assign a
high value to the heavy hydrogen-rich 
unconverted material or in cases when unit
capacities are too small to justify high unit
complexity.

Depending on the other processing objectives of the
refinery or the petrochemicals complex, the heavy
unconverted material can be used as high quality FCC
feed, ethylene cracker feed, or as lubricating oil base stock.

Table 6 presents the product properties from a
typical high-conversion SSOT hydrocracker.

Single-stage recycle
When a refiner wishes to convert all the

feedstock to lighter products, the fractionator
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bottoms stream can be recycled back to the reactor
and co-processed with fresh feed. There are two
variations of this Single-Stage Recycle (SSREC)
configuration that have been built. In the simplest
form, the combined feed is fed into a single reactor.
In the second and more common variation, two
reactors are employed. The first reactor contains the
hydrotreating catalyst while the second contains the
hydrocracking catalyst, with recycle oil from the
fractionator introduced only into the hydrocracking
reactor. However, this intermediate introduction
requires a second high-head pump for the recycle
oil; most modern SSREC units have the two-reactor
system but recycle oil is blended in with fresh feed
prior to processing in the first reactor.

The hydrocracking catalyst in an SSREC scheme is
exposed to the ammonia and hydrogen sulphide
produced in the hydrotreating section and therefore
cannot perform as well as in a situation when these
contaminants are absent. Reactor operating
temperatures in the hydrocracking zone are higher
than corresponding temperatures in the second
(‘clean’) stage of a Two-Stage with Recycle (TSREC,
see below). The SSREC configuration is well suited
for naphtha production or in those regions where
product prices for naphtha, jet, and diesel fuel are
similar. This configuration is shown as Fig. 12.

Two-stage with recycle
In a TSREC hydrocracker configuration

shown as Fig. 13, the first stage is very similar to
the SSOT reactor. About 35-65% of the
conversion is achieved in the first stage. The

fractionator bottoms is then sent to another
reactor where the rest of the conversion occurs.
Reactor effluent from this second stage is also
sent to the fractionator. The second stage
operates in the absence of ammonia and
hydrogen sulphide (i.e. a ‘clean’ environment).
Without the inhibiting effects of these
contaminants, the relevant kinetic rate constants
in the clean environment are much higher than in
the first stage. Operating temperatures can be
reduced by 35-40°C in the second stage, which
favours aromatic saturation and reduced
hydrocracking to light ends and naphtha,
resulting in improved selectivity for diesel and
better product qualities.

Fig. 14, which is based on Chevron Lummus
Global ISOCRACKING data on Mexican VGO
over the same catalyst at a number of residence
times, shows a comparison between processes
with one or two stages. The top portion of the
figure (already shown in Fig. 6 and here reported
for comparison) represents a single reactor with a
fixed length (assumed as equal to 1). The bottom
portion of the graph, which regards the insertion
of the second stage downstream an additional
reactor of circa 1/3 the length of the prior
(single-stage) highlights the difference in
composition of the final product. In practice, a
greater conversion of paraffins and naphthenes is
obtained with total length of the two reactors
lesser than that of the single reactor. 
The feed (343°C�) of both configurations is
composed of paraffins (18%), naphthenes (20%)
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Table 6. Product properties from hydrocracking in an SSOT configuration at 
2,000 psia hydrogen partial pressure 

Light 
naphtha

Heavy 
naphtha Jet fuel Diesel Hydrocracked 

VGO

TBP cut points (°C) C5-82 82-121 121-288 288-377 377�

Gravity (°API) 84 59 44 39 38

Sulphur (ppm) 	1 	1 	5 	5 	5

Nitrogen (ppm) 	1 	1 	1 	1 	1

Paraffins (LV%) 83 36 35 38 46

Naphthenes (LV%) 16 58 57 54 50

Aromatics (LV%) 1 6 8 8 4

Smoke point (mm) 25

Cetane index 55

Octane number 78

Ethylene yield 32.2
potential (wt %) 



and aromatics (56%), with 6% of the total 
boiling below 343°C.

As the reactants pass through the reactor,
aromatics are the first to react, mostly forming
naphthenes in the same boiling range. At a
residence time corresponding to the
disappearance of most of the heavy aromatics, the
naphthenes begin to be converted into material
that boils below 343°C (650°F). Even at a

residence time that corresponds to an overall
conversion of 65%, the paraffins do not
significantly react in this SSOT configuration.
Hydrogen consumption, 
as the reaction proceeds, has already been shown
in Fig. 6 (upper plot), and as expected,
consumption is highest at the reactor inlet where
the predominant reaction is saturation of
aromatics. The lower plot in Fig. 14 shows the
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benefits of the ‘clean’ second stage, where the
unconverted bottoms at about 37% conversion
level are reprocessed with the same catalyst 
at the same hydrogen pressure but at
approximately 40°C lower temperature with clean
circulating gas (i.e. without ammonia or hydrogen
sulphide that are present in the first stage). The
overall reaction rate is several orders of
magnitude higher than in the first stage.

Optimized partial conversion schemes
The inherent advantages of a clean second

stage are used in several Optimized Partial
Conversion (OPC) schemes designed by Chevron
Lummus Global to minimize investment when
dealing with revamp scenarios (increasing
conversion or capacity in an SSOT situation),
more difficult feedstocks (higher nitrogen, higher
end points, higher levels of refractory material,
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higher aromatics, etc.), or to improve product
quality.

One such scheme is called Single-Stage
Reaction Sequenced (SSRS). In this scheme,
shown in Fig. 15, the fresh feed is introduced into a
reactor placed downstream of a clean stage where
recycle oil from the bottom of the fractionator is
hydrocracked. The excess gas from the clean stage
is used as treatment gas for the fresh feed. The
reactor effluent from the clean stage acts as a heat
sink in the downstream reactor, thereby reducing
quenching gas requirements. The catalyst system
in the downstream reactor is designed to
hydrotreat and partially convert the fresh feed;
cracking of distillates generated in the upstream
reactor is not significant. The scheme reduces the
required capital investment by reducing the size of
the recycle gas compressor and high-pressure
equipment in the reactor loop.

For hydrocrackers of capacity greater than
30,000 bpsd (barrel per stream day) or when feed
or local constraints require the use of multiple
reactors, and conversion levels exceed 70%, OPC
schemes become attractive because: a) much less
incremental catalyst volume is required for
incremental conversion; b) less hydrogen is

consumed; c) there is much greater feed and
product flexibility; d) product qualities can be
adjusted to reduce giveaways; and e) conversion
can be adjusted between reaction stages to extend
run length until planned turnaround.

Table 7 presents a comparison of the product
quality that can be expected from various process
configurations.

Split-feed injection
The OPC innovations were driven by the need to

produce two different kinds of products (e.g. clean
FCC feed and fuels) with very difficult feedstocks and
to do so economically. In contrast, the process based
on the split-feed injection concept evolved from the
necessity to upgrade vastly different kinds of feeds in
a cost-effective manner. The requirement in this case is
to upgrade both FCC feedstocks and FCC products
(cycle oils), which is accomplished by combining
pre-treatment of the FCC feed and post-treatment of
the FCC product LCO in one unit. Unconventionally,
hydrotreatment takes place in catalyst beds
downstream of hydrocracking catalyst, in order to
avoid cracking gas oils that are already in the desired
product boiling range. The hydrocracking reactor
effluent provides all of the hydrogen and acts as a heat
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Table 7. Typical product qualities for hydroprocessing of Middle East VGO 

Product properties VGO HDT SSOT SSREC TSR

Jet smoke point (in mm) 10-15 15-21 23-30 25-32

Heavy diesel cetane number 50 50-55 60-68 65-70



sink for the hydrotreating step, thus minimizing the
quench gas requirements associated with
hydrodesulphurization and saturation of the 
LCO-containing feed. Today the concept is used
whenever there is a need to simultaneously convert a
significant portion of heavy oils in conjunction with the
upgrading of lighter straight-run and cracked stocks. 
A typical example would be the conversion of 70%
of a VGO to diesel and lighter material, and the

simultaneous upgrade of LCOs and Atmospheric
Gas Oils (AGOs) to Ultra-Low Sulphur Diesel
(ULSD). Fig. 16 presents this type 
of process.

Hydrocracking for integrated fuels 
and lubes production

The benefits of hydrocracking related to the
production of feed for lubricant base stocks
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(as well as other downstream processing such as
FCCs and ethylene plants) are well known and 
are demonstrated in many plants around the world. 
In most of these cases, there is a dedicated lube
hydrocracker, followed by dewaxing and
hydrofinishing steps. What is more unusual is the
integration of a hydrocracker, primarily devoted
to making high-quality fuels (especially ultra-low
sulphur and low aromatics diesel), while also

making excellent feed for a dewaxing/finishing
unit. The advantages of such an approach are
obvious: the minimization of capital 
investment related to building separate fuels and
lubes hydrocrackers, and the lowering of the cost
incurred by the refiner to produce high-value
lube base stocks, thus providing a competitive
edge. The TSREC configuration, with its 
inherent advantages for making the fuels described
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earlier, also can provide a highly flexible platform
to produce a range of lube-base oil viscosities and
qualities. The patented principle is shown 
in Fig. 17, where the configuration can produce
three different lube-base oils, while maintaining,
to a large degree, the predetermined overall
conversion level for fuels. Each of the three
lubricating oil streams is of different quality and
boiling range. 

Mild hydrocracking
Mild hydrocracking refers to a process that is

intermediate in severity between VGO
desulphurization (hydrotreating or HDS) 
and hydrocracking. The objective in most
instances is to produce a feed suitable for FCC
units. Typical targets are sulphur content in the
unconverted oil at less than 500 ppm if the FCC
gasoline sulphur specification is 50 ppm, or less
than 300 ppm for a FCC gasoline sulphur
specification of 30 ppm. The denitrogenation of
the VGO results in a significant improvement in
FCC conversion to gasoline and lighter material
and subsequent reduction of LCO. Operating
pressures are very dependent on feedstock and
catalyst run-length requirements, but in most
instances are within the 1,000-1,500 psi range.
Table 8 depicts typical mild hydrocracking
performance.

6.2.7 Operating variables

The major effects of reaction process variables on
product yields and properties are discussed below. 

Pressure
Hydrogen partial pressure increases with

increasing reactor pressure, hydrogen purity of the
recycle gas, and gas/oil ratio. Increased hydrogen
partial pressure increases saturation of aromatic
compounds, improving product burning
characteristics such as the kerosene smoke point
and diesel cetane number. High hydrogen partial
pressure greatly prolongs the catalyst life by
reducing the deactivation or fouling rate, resulting
in higher operating factors and lower catalyst
costs.

The effect of hydrogen partial pressure pH
on the Fouling Rate (FR) can be seen from the
following functional dependences: first-stage
cracking FR
1/(pH)3-5; first-stage denitrogenation
FR
1/(pH)4-6; second-stage cracking 
FR
1/(pH)3-4.

To some extent, there is a trade-off between
catalyst volume and pressure for the same
processing objectives.

Typical ranges of hydrogen partial pressure for
some applications are shown below:
• Mild hydrocracking of Arab or Urals VGO:
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800-1,200 psia (depending on desired run
length).

• Hydrocracking of Arab VGO with 70%
conversion, in SSOT mode: 1,800-2,000 psia.

• Hydrocracking of Arab VGO with 100%
conversion in TSREC mode: 1,800-2,000 psia.

Temperature
The Catalyst Average Temperature (CAT),

also known as Weighted Average Bed
Temperature (WABT), is the volume average of
catalyst bed temperatures, and is a direct
indication of how intensely the catalyst is
working. The reactor temperature profile, on the
other hand, indicates how the work is distributed
through the reactor. Higher CAT allows higher
feed rates at constant product quality, better
quality at constant feed rate (subject to
limitations on aromatic saturation), and permits
the processing of more difficult feeds (higher
sulphur and nitrogen content) at constant product
qualities and feed rate. However, the higher CAT
will lead to increased catalyst deactivation and 
a shortened run span between start-of-run 
and end-of-run temperatures. The end-of-run
temperature is usually dictated by metallurgical
limits or by the maximum tolerable quantity 
of aromatics in the product.

An ascending profile in the reactor will reduce
utilities by requiring less quench gas and less
furnace duty. On the other hand, light ends and
naphtha production will increase. A flatter profile,
closer to isothermal conditions, will produce the
maximum yield of desired products from a
hydrocracker. 

Increasing the reaction temperature increases
conversion and shifts product selectivity toward
naphtha and light gases. Generally, higher
temperatures make it very difficult to saturate and
subsequently crack large, multi-ring aromatic

compounds. This effect is particularly significant
when producing feedstocks for lube and ethylene
units.

In order to complete aromatic saturation, 
to restrict the amount of liquid bleed from the unit,
or to maximize the yield of valuable products, it
often becomes essential to select an OPC scheme
rather than an SSOT configuration so as to
obtain a reasonable start-of-run catalyst
temperature. Such a selection will ensure that
there is a large temperature range available until
the catalyst reaches end-of-run conditions. The
following data compare typical ranges for start-of-
run catalyst temperatures for different processing
schemes:
• SSOT, 390-430°C.
• Stage 2 of OPC or TSREC, noble-metal/zeolite

catalyst, 290-350°C, and base-metal/zeolite
catalyst, 320-400°C.

Space velocity
Lower space velocity results in equivalent

yields at lower reaction temperature. Increasing
the space velocity degrades product properties at
the same reactor temperature. 
In order to recover product quality, the reactor
temperature has to be increased, which can cause
increased catalyst deactivation and reduce the run
length.

The final space velocity selected for an
application is dependent on a host of factors such
as feed contaminant level, product objectives,
hydrogen partial pressure, conversion target,
catalyst type, and expected catalyst run length.

Typical space velocities at 2,000 psia hydrogen
partial pressure for Arab VGO are: SSOT at 70%
conversion: 0.6 to 0.8 and TSREC (overall) for 100%
conversion: 0.6 to 0.7. The inherent advantage of the
TSREC configuration, which entails a 30% higher net
conversion, is readily evident.
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Table 8. Mild hydrocracking of VGO/CGO 

Catalyst system Naphtha selective Middle distillate selective

Conversion (wt%) 22 36 36

Middle distillate properties
N (ppm)
S (ppm)
Cetane index

37
84
38

6
25
38

5
25
38

Bottoms properties
Specific gravity
N (ppm)
S (ppm)

0.896
200
308

0.883
27
81

0.882
25
75

CGO = Cracking Gas Oil



Hydrogen recycle ratio
Increased hydrogen recycle decreases catalyst

fouling by increasing the hydrogen partial pressure
in the reactors, by improving the distribution of
the reaction mixture over the catalyst beds, and by
limiting the temperature rise in the catalyst beds.
Overcracking of reaction products is minimized,
which improves liquid yield slightly and lowers
hydrogen consumption. Most modern
hydrocrackers are designed with a gas/oil ratio of
between 4 and 5 times the chemical hydrogen
consumption. Once a plant is designed, the recycle
gas compressor should normally be run at
maximum capacity to reap the benefits from the
catalyst system.

Recycle Cut Point (RCP)
The recycle cut point is defined as the True

Boiling Point (TBP) cut-off value between 
the heaviest product and the recycle oil. For a
given space velocity, lowering the RCP requires
an increase in per-pass-conversion in the 
reactor, and this can only be achieved by
increasing the CAT. However, this high CAT
increases the catalyst deactivation rate. Lowering
the RCP generates a larger quantity of lighter
products and increases the chemical hydrogen
consumption. The cold flow properties (pour
point, cloud point, freeze point and cold 
filter plugging point) of the kerosene and 
diesel are improved. As a general rule, the 
RCP should be maximized to the product
specification limits.

Per-Pass-Conversion (PPC)
Per-pass-conversion is defined as the

percentage of combined feed that is converted to
products boiling below the RCP:

PPC�(reactor fresh feed/reactor total
feed)�100.

Increasing the PPC requires an increase in the
CAT and therefore results in a faster catalyst
fouling rate. The yield structure shifts towards
lighter products and hydrogen consumption
increases. The benefits are decreased hydraulic
load on the reactor and therefore the possibility to
increase the throughput to the unit. 

Conversely, reducing the PPC offers significant
advantages for middle distillate yields by reducing
hydrocracking to lighter products. From a practical
standpoint, PPC is rarely reduced below 50% or
increased beyond 80%.

Effect of feed quality
Nitrogen. Increased nitrogen reduces cracking

activity of the catalyst. Reaction temperature must
be increased to compensate for this reduced
activity.

Sulphur. Higher sulphur content has little
effect on product yields and causes only a slight
increase in product sulphur.

Asphaltenes. Asphaltenes have little effect on
yields or product qualities, but act as coke
precursors and cause catalyst fouling, thereby
increasing reactor temperature and shortening the
catalyst life.

Nickel, vanadium, and other metals. Trace
metals, if not removed, poison the catalyst
irreversibly and decrease run length. Reactor
temperature must be increased to compensate for
catalyst deactivation. Also, high levels of metals
contamination may cause part of the catalyst load
to be unregenerable.
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