6.3

Chemical reactors

6.3.1 General description
and reactor types
Chemical reactions pertaining to the chemical,
petrochemical and oil industries are performed in special
apparatus called reactors. There are distinct types of reactors
intended to face extremely varied operating conditions, both
in terms of the nature of the chemical species involved
(reactants and products of the reaction) and of the physical
conditions under which they operate.
In general, a chemical reactor needs to be able to carry
out at least three functions: provide the necessary residence
time for the reactants to complete the chemical reaction;
allow the heat exchange necessary; place the phases into
intimate contact to facilitate the reaction.
Thus, reactor types range from large dimension
continuous reactors, like those adopted for catalytic cracking
reactions, specifically for oil refineries, to devices of modest
dimensions, like discontinuous stirred reactors in which fine
and secondary chemistry reactions are performed. Moreover,
there are reactors for sophisticated microelectronic
applications and reactors of microscopic dimensions
(microreactors), designed for biomedical installations or for
in situ production of extremely toxic or dangerous
compounds. Both converters and burners, catalytic or
otherwise, adopted for energy production can also be listed
among the reactors.
To classify a reactor, the number of phases in the reactor
itself, whether or not there are agitation systems and the
mode of operation (continuous reactor, semi-continuous or
discontinuous) need to be taken into consideration. It should
also be noted that most chemical reactors are equipped with
heat exchange apparatus in the form of external jackets or
internal coils with a fluid flowing through them to act as a
thermal vector to allow both heat supply or removal.
Examples of different kinds of reactors are illustrated in
Fig. 1, while the type of reactions operating inside them as
well as the most usually adopted operation modes for the
most common reactor types are reported in Table 1; the
examples given show that the factors mainly influencing the
choice of reactor type are: the number of phases involved,
and thus whether or not it is necessary to provide particular
agitation systems; obtaining and maintaining the optimal
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temperature and pressure for the reaction; and the scale of
production which often determines continuous or
discontinuous operation mode.
As far as phases are concerned, the most simple reactors
are homogeneous reactors, where a single gaseous or liquid
phase is usually stirred to avoid the presence of stagnant
zones. The reaction can be operated in discontinuous mode,
by loading the reactants mixture into the reactor and waiting
until the process is completed, or in continuous mode, by
making a stream containing the reactants flow into the
reactor and extracting another stream containing the reaction
products. Typical examples of homogeneous reactors are
those for thermal cracking and for polymerization in
solution.
Heterogeneous reactors are more complex, in which
reactants, products and a possible catalyst can be present in
different phases. One example is the fluid-solid reactor
(gas-solid or liquid-solid), where heterogeneous catalytic
reactions are performed. Another classic example is the
tubular reactor which allows accurate temperature control
because of its very extensive external surface available for
heat exchange; in fact, it is designed as a tube bundle
configuration very often, where a large number of reactors
are connected in parallel, through each of which passes a
fraction of the flow rate. Another example is the aerosol
reactor, adopted by the industry of new materials, where
solid particles are synthesized from reactants in gaseous
phase. Gas-liquid or liquid-liquid reactors are even more
complex, in which the main reactants are distributed between
the two phases, immiscible with each other, but between
which intimate contact has to be realized to make the
reaction progress more easily. Multiphase reactors, like the
gas-liquid-solid reactors, also exist; the trickle-bed reactor,
used to perform hydrogenation reactions or catalytic
oxidation reactions for liquid reactants, is a classic example.
Reactions involving gaseous reactants are usually
performed in tubular reactors, generally operating in
turbulent regime; if a solid catalyst is involved, it is usually
arranged as a bed of particles, generally in a spherical or
cylindrical shape. If the mechanical features of the catalyst
are appropriate and if efficient heat exchange is necessary to
control the reaction temperature accurately, mobile bed
reactors can be also used; the most important example of
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Fig. 1. Examples of chemical reactors: A, stirred tank reactor; B, homogeneous tubular reactor; C, heterogeneous tubular reactor;

D, multi-tubular heterogeneous reactor; E, fluidized bed gas-solid reactor; F, fluidized bed reactors arrangement
for the fluid catalytic cracking process for hydrocarbons; G, bubble gas-liquid reactor; H, air-lift gas-liquid reactor;
I, stirred multi-staged gas-liquid (or liquid-liquid) reactor; J, gas-liquid-solid trickle-bed reactor; K, aerosol reactor;
L, thin films deposition reactor; M, fuel cell; N, electrochemical cell; O, membrane reactor. Letters a and b are reactants;
c and d, products; g, gaseous phase; l, liquid phase.

these is the fluidized bed reactor, in which the velocity of the
gaseous phase in contact with the small dimension catalytic
particles is able to keep these particles in motion, thus
realizing a high degree of stirring and mixing. Other types of
bed reactors, depending on the fluid dynamic features of the
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bed, are: boiling fluidized beds (where the motion of the two
phases system resembles that of a boiling liquid); dragged
fluidized beds (where the gases drag all the particles in the
bed with their motion) and finally spouted fluidized beds
(where the particles in the bed are dragged at high speed to a
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Table 1. Examples of the uses of different reactor types according to the chemical reaction to be performed,

with indications of the management features more often adopted
Reactor type

Features

Management

Examples of chemical reaction

Stirred tank

Flexibility in operation,
good mixing of reactants

D, S, C

Organic reactions of pharmaceuticals or fine organic
chemistry, melamine production, organic
nitro-compounds production, benzene sulphonation,
esterification reactions, saponification reactions, etc.

Stirred multiphase

Good mixing between
phases, good temperature
control

C, S

Emulsion or suspension polymerizations, chlorination
of organic aromatic compounds, oxidation of organic
compounds (like p-xylene to terephthalic acid,
acetylene to acetaldehyde, cyclohexane to
cyclohexanone and adipic acid)

C, S

Ethyl benzene, cumene and isobutane oxidation to
hydro-peroxides, propene oxychlorination to
chloropropanol, nitrous oxides or sulphuric anhydride
absorption for nitric and sulphuric acid production,
phtalimmide production

Multiphase bubble column Possibility of introducing
separation stages,
possibility of operating
both in co-current
or in counter-current mode
Burners

Short contact times,
high temperatures

C

H2S combustion to SO2, carbon black production,
acetylene production, high pressure gasification
for syngas production

Homogeneous tubular

Well-defined residence
time, good temperature
control

C

Thermal cracking of hydrocarbons, visbreaking,
delayed cocking (endothermic reaction), chlorination
reactions of methane, propene and butadiene, ethylene
polymerization to LLDPE, Linear Low Density
PolyEthylene (exothermic reactions)

Heterogeneous tubular

Well-defined residence
time, good temperature
control, high fluid-catalyst
interfacial surface

C

Heterogeneous catalytic reactions (synthesis of NH3,
CH3OH, styrene, etc.), reforming reactions of
hydrocarbons (platforming, hydrocracking, etc.), ethyl
benzene dehydrogenation to styrene

Tubular multiphase

High interfacial area,
well-defined residence
time, reduced internal
re-circulations

C

Chlorination of organic compounds, oxidation of
organic compounds, adiponitrile production from
adipic acid and ammonia, nitroalinines production,
ethylene oxidation to acetaldehyde

Three phases (trickle-bed)

High interfacial area,
possibility of operating
both in co-current
or in counter-current mode

Fluidized bed reactor

High reactants mixing
and high temperature
control

C, S

C

Liquid organic compounds catalytic oxidation

Roasting reactions of ores, chlorolysis reactions of
chlorinated hydrocarbons, chlorination of methane,
hydrocarbons catalytic cracking, heavy oils coking,
melamine production from melted urea

C, continuous operation; D, discontinuous operation; S, semi-continuous operation

first particular area in the reactor by the gases and allowed to
settle in a nearby stagnant portion).
Liquid phase reactions are performed principally in tankshaped agitated reactors. Agitation is mechanically induced
by propellers or flat bladed stirrers, depending on the type of
fluid circulation to be carried out inside the reactor. Stirring
is necessary to obtain both effective contact between the
fluid and the surfaces installed for heat exchange (this
necessity is also the case for homogeneous systems) and,
with a resulting close contact, to guarantee good dispersion
between the phases in heterogeneous systems. If a solid
catalyst is present, it can be held in particular conveniently
placed baskets to allow contact with the liquid phase; in
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slurry reactors the catalyst can be a suspension within the
liquid phase itself. The agitated tank reactors can be operated
in discontinuous mode (batch reactors) or continuously.
As has already been seen, reactions involving a gaseous
phase and a liquid one, or two liquid phases, must be
performed in reactors able to guarantee efficient contact
between the two phases by means of appropriate stirrers.
Sometimes static mixers, made up of particular filling beads,
can also be used, through which the two phases to be placed
into contact flow countercurrently (because of their
difference in density) inside their channels. Reactors in
which static mixers are used are characterized by high
vertical development to enhance the stirring induced by the
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density difference between the two phases: the lower density
phase is fed from the bottom and collected at the top, while
the other follows the opposite pathway. In gas-liquid reactors
this configuration is called bubble column; different
configurations exist, intended to increase stirring and thus
contact between the phases, without resorting to mechanical
stirring devices. The most important example is the air-lift
reactor, where the density difference between two connected
reactor portions is exploited to start a vortical natural
convection motion.
In conclusion, it is also important to mention some
atypical reactors, adopted for special applications. First of
all, there is the catalytic converter, a typical heterogeneous
catalytic reactor in which the exhaust gases from vehicles are
put into contact with a catalyst whose active element is a
noble metal, usually platinum, supported on a ceramic
matrix, generally a honeycomb monolithic structure. Inside
this reactor, carbon monoxide oxidizes to carbon dioxide and
nitrogen oxides reduce to elementary nitrogen. The oxidant
used in the first reaction is the oxygen still present in the
exhaust gases, while the fuels for the reduction reaction are
the uncombusted hydrocarbons traces. The choice to adopt
monolithic structures allows the reduction of pressure drops
and the performance of efficient thermal exchanges. Other
important heterogeneous reactors are biological reactors,
where the enzymes catalyzing the fermentation process are
supported on appropriate solid matrices. In this field, the
most innovative applications are those made in bioreactors
where selected cell colonies are allowed to proliferate within
a biocompatible polymeric matrix. Electrochemical reactors
are characterized by having two electrodes, each at a
different potential, between which an electric current
transported by the ions contained in the electrolytic solution
flows, where they are both immersed. In this way, it is
possible to perform important industrial processes based on
redox reactions, like chloro-alkali processes, which use
electric rather than thermal energy. Electrochemical reactors
can be likened to fuel cells with polymeric membrane, where
a combustion reaction takes place involving hydrogen (or
methanol) and oxygen by feeding the two gases on the two
electrodes, separated by a ion exchange membrane, to make
electric current generation possible. Both the two reactors
above can also be classified as membrane reactors, where a
semi-permeable membrane allows the separation of one of
the reaction products directly from the reaction environment
thus contributing to an improvement in the selectivity of the
processes under consideration. Currently, the extensive
application of these reactors is limited by the availability of
efficient membranes. Last but not least, reactors used in
microelectronics, where chemical vapour deposition
processes are performed, are of particular importance; these
reactors, operating in discontinuous conditions and at high
temperatures, allow the realization of extremely controlled
process conditions so as to obtain highly contained tolerance
levels both of the thickness and of the crystalline
morphology of the deposited semiconductor.

6.3.2 Reactor design and simulation
In a chemical plant, the potential and the yield with respect
to the reactants used depend on the size of the reactors
involved and on the mode in which they are operated.
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Moreover, in many cases, the reactor cost accounts for a
substantial amount of the overall plant cost. Thus, correct
reactor design is a fundamental requirement to realize
economically convenient plants.
Reactor design, once largely carried out with a
semi-empirical approach, is today realized by means of
appropriate mathematical models, based on mass, energy
and momentum conservation equations, intended to simulate
reactor behaviour. The analytical formulations that make the
description of the main reactor performances and features
possible must thus take into consideration not only the
kinetics features of the chemical reactions but also all the
fluid dynamics aspects which influence the transport and
distribution of the reactants inside the reactor itself. Reactor
working conditions, when chemical and transport
phenomena are both important, are called macrokinetics.
Such a description is generally very complex; thus, the
reactors are often analysed first in ideal conditions where the
fluid dynamic aspects are described in simple terms and
where their behaviour is only dependent on chemical
reactions; these are called microkinetic conditions. From this
point of view, the reactors can be represented by two limiting
schemes (ideal reactors): one of a perfectly mixed system
and the other of a perfectly segregated system. In the first
case, composition gradients are absent inside the reactor and
thus the composition is uniform in the whole reactor volume;
in the second case, the concentration of the reactants evolves
in the reactor volume and consequently the presence of the
concentration gradient represents its characterizing feature.
It is then evident that the first limiting schematization is
suitable for representing the stirred reactors while the second
one is appropriate for the tubular ones. Because real reactor
behaviour is at some point between those of the two limiting
schematizations described above, it is clear why their study
is a good starting point before making more complex
descriptions later.
Once the ideal reactors have been studied, it is possible
to move forward to the examination of real ones by removing
the simplifications introduced, as far as giving a panorama
of the increasingly rigorous design methods, going through
an analysis of the residence time distribution function of the
fluid within the reactor to the direct simulation of the flow
field through Navier-Stokes equations.

Models for isothermal ideal reactors
As has already been mentioned, the study of reactors is
usually initially performed by means of two ideal models,
where it is assumed that the fluid dynamics conditions do
not influence the behaviour of the reacting system. That
means considering a perfectly mixed volume, for the stirred
reactors, and a perfectly segregated volume, for the tubular
reactors. The continuous stirred reactors (CSTR, Continuous
Stirred Tank Reactor) or the discontinuous ones (batch
reactors) belong to the first class, while reactors with pistonlike flux (PFR, Plug Flow Reactor) belong to the second one.
In the subsequent developments the following compact
writing for the chemical reactions will be adopted:
NC

[1]

∑ν
i =1

ij

Ai = 0

j ⫽1,…,NR

where Ai and nij are the ith chemical species and its
stoichiometric coefficient in the jth reaction, respectively.
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r~ ⫽f(C) and to write an additional equation whose
integration gives the variation in time of the reaction
volume:

Usually, the coefficients for the reaction products are
assumed positive and the reactants negative. Accordingly, if
rj indicates the rate of the jth reaction, the specific production
term for the ith chemical species is expressed as follows:
[2]

Ri = ∑νij rj
j=1

Ideal discontinuous reactor (batch)

This reactor, illustrated in Fig. 2 A, is an evolution, on a
larger scale, of the laboratory flask; it is operated by initially
loading the reactants and by discharging the products at the
end of the reaction. The discontinuous reactor is thus more
appropriate apparatus for low, usually very variable
productions during a year. Being, in its ideal schematization,
a perfectly mixed system, the concentration of the reactants
is the same at each of its points and thus concentration
gradients do not exist inside it.
The mass balance for a discontinuous reactor assumes
the following expression:

(

)

d
V C = RV
i R
dt R i

)

Density changes are more pronounced for gas phase
reactions than those of liquid phase. For systems in gaseous
phase, density is usually calculated by equations of state like
r~ ⫽p/ZRT, Z(T,p) being the isothermal compressibility
factor. The solution of the system of equations [3-4] can be
obtained analytically only if the considered reactions kinetics
are simple, otherwise it is necessary to perform a numerical
integration.

where Ri is specific production rate of the ith reacting
species.

[3]

(

NC
d
VR ρ = VR ∑ Ri
dt
i =1

[4]

NR

Ideal continuous stirred tank reactor

This reactor (CSTR) is suitable to represent a model of
continuous stirred reactors, where there is continuous feed of
reactants and simultaneous extraction of the products.
Usually, stirred reactors are operated by keeping the reaction
volume constant, conditions easily realized through a level
control, thus transferring any possible reaction mixture
density change effects on the volumetric flow rate leaving
the reactor. Such a reactor is shown in Fig. 2 B together with
its main instrumentation, including the temperature,
pressure, flow rate and level controls; in this case, too,
perfect stirring is assumed and consequently within the
reactor neither concentration nor temperature gradients exist.
This implies that the composition and the temperature of the
streams leaving are equal to those existing inside the reactor.
Generally speaking, a continuous reactor can be assumed
to be perfectly mixed when the reactant mixing time
is much lower than the residence time within the reactor
(tmix⬍⬍tpermanence).
The mass balance for a CSTR reactor in transient
conditions can be written as follows (where each equation,
together with the corresponding initial condition Ci⫽C i0 for
t⫽0, have to be written for any of the species present in the
system under examination):

i ⫽1,…,NC

where VR and Ci are the volume occupied by the reactants
and the concentration of the ith reacting species, expressed
on a molar basis, respectively. In an equation like the
previous one, for each of the species present in the examined
system, ordinary differential balance equations exist, where
each one of them needs to be associated with the
corresponding initial condition indicating the concentration
value at time t⫽0: Ci⫽C i0.
If the reaction progress does not significantly alter the
molar density of the reacting mixture, volume VR occupied
by the reactants in the reactor can be considered constant
and thus it can be omitted from both sides of equation [3].
This condition is verified for elevated dilution systems and
obviously for those where the reaction does not alter the
number of moles present in the system. If those conditions
are not verified, it is necessary to know the molar density
change as a function of the system concentration change

[5]

)

(

d
V C = Q F CiF − QCi + RV
i R
dt R i

Fig. 2. Diagram of ideal

reactors together with their
main instrumentation:
A, perfectly mixed
discontinuous reactor;
B, perfectly mixed
continuous reactor;
C, plug flow tubular reactor.
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where Q, VR, Ci and Ri are the volumetric flow rate, the
volume occupied by the reactants, the concentration and the
specific production rate for the ith reacting species expressed
on a molar basis, respectively; the F superscript identifies
the properties inherent to the feed stream. Usually, the study
of these reactors is performed in steady state conditions, and
thus the balance equations reduce to NC algebraic equations,
generally not of linear type.
In all the continuous reactors, and thus also for the
CSTR, the residence time (or contact time) is defined as the
ratio between the reaction volume and the feed volumetric
flow rate:
[6]

τR =

VR
QF

tR represents the average residence time of the reactants
within the reactor.
It is important to note that the volumetric flow rate for
the leaving stream can be different from that of the feed if, as
a result of the effect of the chemical reactions, a change in
the number of moles, and consequently of the fluid molar
density, occurs. If this last property can be considered
constant (r~ F⫽r~ ), the volumetric flow rate is also constant.
Whenever it is not verified, in analogy with what happens in
the discontinuous reactor, it is necessary to have an equation
expressing the molar density change as a function of the
system composition (r~ ⫽f(C)) and to write an additional
overall mass balance equation expressing the leaving flow
rate change compared to the one entering the reactor:
NC

[7]

r F − Φ r + τ R ⋅ ∑ Ri = 0
i =1

where with F⫽Q/QF the ratio between the leaving and the
entering volumetric flow rates is indicated. It is important to
note that if the mass balance equation were written on a
mass rather than a molar basis, in steady state conditions,
equation [7] would be useless because the entrance mass
flow rate value is always equal to the one leaving.
To complete the examination and to justify the CSTR
analysis only in steady state conditions it is useful to
examine, at least once, their transient behaviour.
Accordingly, it is useful to take a CSTR which initially
contains the A reactant at concentration CA0 into examination,
in which the irreversible reaction A⫺B, which follows first
order kinetics (r⫽kCA) occurs and where only the A reactant
is fed to the reactor. Under these conditions, the
conservation of the volumetric flow rates is respected
because no variation in the number of moles takes place, and
thus the mass balance equation for the A species can be
written as follows:
䉴

[8]

CAF − CA −τ R kCA = τ R

∂ CA
∂t

whose analytical integration gives
[9]

(

)

C A = C A∞ − C A∞ − C A0 e

− (1+ kτ R ) t /τ R

where CA⬁⫽CAF /(1⫹ktR) is the asymptotic concentration
value, which represents the solution under steady state
conditions. It can be demonstrated that, under the considered
hypotheses, the time necessary to reach the steady state
solution is always the same, independent of the initial
concentration value. Moreover, this time is equal to about
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three times the mean residence time of the reactants within
the reactor.
Ideal piston flow continuous reactor

The ideal continuous reactor with piston-like flow (PFR)
is a model for the continuous tubular reactor; this reactor is
shown in Fig. 2 C together with its main instrumentation. It is
a perfectly segregated reactor model because composition
gradients develop inside it, from its entrance to its exit. This
means that in each reactor section a concentration change is
observed compared both to the previous section and the one
following. Thus, in the typical schematization of ideal
reactors, the fluid composition is homogeneous in each
section of the reactor, while it varies continuously along its
main developing axial coordinate.
To write balance equations for a PFR it is then necessary
to examine an infinitesimal volume of the reactor equal to
the area W of its section, multiplied by the infinitesimal
length dz, which is dV⫽Wdz. The mass balance can be
written as follows:

∂ (QCi )
∂ Ci
+ Ri =
i ⫽1,…,NC
∂V
∂t
Each NC equation is referred to one component present
in the system under examination and it needs both a
boundary condition, expressing the inlet conditions (Ci⫽CiF
for V⫽0), and an initial condition, expressing the
composition profile along the whole reactor Ci(V)⫽Ci0(V)
for t⫽0. By introducing the ratio between the local flow rate
value and the feed one (F⫽Q/QF), and the residence time
(t⫽V/QF), the mass balance equation can be rewritten in the
following form:
∂ (Φ Ci
∂ Ci
−
+ Ri =
i ⫽1,…,NC
[11]
∂τ
∂t
[10]

−

)

The study of PFRs is also usually performed in steady
state conditions (⭸Ci /⭸t⫽0); in these conditions the partial
differential equations system [11] reduces to the following
ordinary differential equations system:
[12]

d (Φ ⋅Ci )
= Ri i⫽1,…,NC
dt

As for the CSTR, if the reaction does not alter the
number of moles present in the fluid significantly and as a
consequence its molar density can be assumed constant
(r~ F⫽r~ (t)⫽const), the volumetric flow rate is also constant
and thus F⫽1. Whenever this condition is not verified, it is
necessary to have an equation expressing the molar density
change as a function of the system composition (r~ ⫽f(C))
and to write an additional equation giving the leaving flow
rate change compared to that of the inlet:
NC
∂ Φ r
= ∑ Ri
[13]
∂τ
i =1

( )

It is important to note that if the mass balance were written
on a mass rather than a molar basis, in steady state
conditions, this equation would also be useless, because the
mass flow rate values are always constant along the reactor.
It is important to note that in the case of constant density,
equation [12] has exactly the same form as equation [3]
derived for discontinuous reactors. This means that, by
considering the same reaction and boundary conditions
(and/or initial ones), the ideal PFR has an internal
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concentration profile which has the same behaviour in time
as the analogous ideal discontinuous reactor. Therefore, it
can be stated that the composition profile in space
(identified by its residence time) for the PFR is identical to
the corresponding one in time for the discontinuous reactor.
However, it is important to stress that, even if the residence
time has the dimensions of a time, it is no other than a
convenient way to identify the reaction volume by using a
space-time equivalence of kinematic type.

Configurations of ideal reactors

Comparison between ideal reactor performances

The description of the different reactor types shows that
stirring devices are usually necessary to obtain correct
mixing of the phases and thus the choice of reactor can be
independent of factors inherent to volume utilization
efficacy. However, it is interesting to make a comparison
between the two types of continuous reactor (stirred or
segregated) in these terms; in order to obtain a simple
comparison, it is possible to refer to a reacting system
operating in diluted conditions where two simple reactions in
series occur, involving three different chemical species like
r1
r2
A⫺
⫺
⫺B and B⫺
⫺
⫺C.
If two simple irreversible first order kinetics are assumed
for the two reactions (r1⫽k1CA, r2⫽k2CB), it is easily
possible to obtain an analytical solution for the balance
equations and thus to obtain the evolution of the
concentration leaving the reactor as a function of the
residence time for both types of reactors. The comparison
between the two types of behaviour is illustrated in Fig. 3,
where the trends for the three merit parameters adopted for
the analysis of reactor performance are reported as a
function of the residence time, and therefore the main
reactant conversion xA⫽1⫺CA/CAF , the yield in the
intermediate product hB⫽CB/C FA and the selectivity between
the two products 兺⫽CB/(CB⫹CC); from an inspection of the
figure, it is possible to observe that the tubular reactor is
characterized by better reactor volume utilization than the
stirred reactor producing, in the same residence time, a lower
concentration value leaving the reactor for the A reactant.
The difference in behaviour is negligible in lower residence
times while it becomes evident in higher ones; in fact, while
in a stirred reactor all the reactants are characterized by the
same residence time, in a tubular reactor this is true only for
the reactants in the feed, while the other species have lower
residence times.
䉴

䉴

1.0

between CSTR
and PFR performances
inherent to two reactions
in series, with irreversible
first order kinetics
(k1⫽0.5 h⫺1, k2⫽0.7 h⫺1).

0.9

conversion-yield-selectivity

Fig. 3. Comparison

0.8

S

0.7

One of the advantages of outlining ideal reactors in
schemes is that a combination of them is able to describe any
real reactor providing that such an arrangement reproduces
the residence time distribution of the real reactor (see below).
Reactor arrangements like a CSTR followed by a PFR or
a series of CSTRs are of interest; from the cited examples it
is clearly evident that the reactor combination is always
inherent to continuous ones. Additionally, still in the ideal
reactor framework, slightly modified configurations
compared to the basic ones analysed above (batch, CSTR
and PFR) are possible; these are semi-continuous
configurations, like the semibatch reactor, or configurations
with recycling like the PFR with external recirculation.
These arrangements allow the coverage of intermediate
situations which often occur both in the laboratory and in
industry.
Ideal semi-continuous reactor (semibatch)

The semi-continuous reactor, illustrated in Fig. 4 A, is a
reactor whose features are somewhere between those of the
discontinuous and the continuous stirred reactor; in fact, it is
a discontinuous reactor, because it is not provided with a
continuous leaving stream but it is, however, equipped with a
continuous reactants feed stream. In the chemical industry,
this configuration is much more widespread than that of the
pure discontinuous reactor, because it is often necessary to
feed in one or more reagents, even during the progress of the
reaction; in the ideal reactor framework, it is still a perfectly
stirred discontinuous reactor. In principle, the use of the
semi-continuous reactor is therefore much more similar to
that of the discontinuous one than to that of the CSTR.
It is easy to derive the mass balance equations for that
system by following what has already been derived for
discontinuous reactors, taking into account that in this case
an entering fluid stream is present:

)

(

d
V C = Q F CiF + RV
i R
dt R i

[14]

i ⫽1,…,NC

where VR, QF, CiF are the volume occupied by the reactants,
the volumetric feed flow rate, and the concentration of the ith
species in the feed stream; Ci and Ri are, respectively, the
concentration and the specific production rate of the ith
species expressed on a molar basis. Accordingly, the writing
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Fig. 4. Diagram of ideal reactor arrangements together with their main instrumentation:

A, perfectly mixed semi-continuous reactor; B, series (battery) of perfectly mixed continuous reactors;
C, plug flow tubular reactor with external recycling.

of the balance equations for these reactors leads to the
statement of ordinary differential equations, which have to
be completed with the corresponding initial conditions
(Ci⫽Ci0 for t⫽0).
In principle, it is improbable that the reactor volume
can be considered constant, unless reactors operating in
gas phase are kept at a constant volume. Thus, the
equation expressing the overall mass balance expressing
the system volume evolution in time have to be added to
the previous balance equations for the individual species
(together with the equation of state r~ ⫽f(C) giving the
molar density variation as a function of the chemical
composition):
[15]

(

)

NC
d
VR r = Q F r F + VR ∑ Ri
dt
i =1

An interesting simplified case regards systems
operating in diluted conditions; in these systems the
fluid molar density can be considered constant and
equal to that of the solvent; moreover, the overall
number of moles in the system is more or less equal to
that of moles in the solvent because of its great excess.
Under these conditions, the change in the number of
moles present in the system as a result of the chemical
reaction effect can be neglected without committing
significant errors; thus, the mass balance equation
becomes:
[16]

dVR
= QF
dt

Equation [16] can be solved analytically and gives the
evolution of the system volume through the simple relation
VR⫽V R0 ⫹QFt. It can be inserted into the mass balance
equation for the individual species, thus obtaining an
expression for the mass balance of this species which, in an
self-compatible way, gives its time evolution:
[17]

(V

0
R

+ QFt

) dCdt

i

(

)

= Q F CiF − Ci + RV
i R

i ⫽1,…,NC

The analytical integration of NC differential equations [17]
is often impossible; in that case numerical integration is
performed.
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Series of CSTR

Very often, it is necessary to operate with well stirred
continuous reactors. This is so, for example, whenever it
is necessary to mix reactants present in different phases.
A plant configuration frequently adopted is a certain
number of reactors of this kind connected in series
(a battery) as illustrated in Fig. 4 B. Because of the
necessity to minimize the spare parts inventory stock, the
reactors in the battery are usually identical. Only in
particular cases, when it is necessary to carry out specific
process performances, is the battery realized with
reactors of different volumes.
To study the performances of this plant
configuration, for the sake of simplicity and without
over-generalizing, it is possible to analyse a case which
is carried out under diluted conditions, which allows the
consideration of the leaving flow rate being equal to that
entering the reactor. An analysis of this system is easy
because it is sufficient to write the mass balance
equations for any species and for all the reactors,
balances which can be generalized as follows:
[18] Q ( k −1) C ( k −1) − Q ( k ) C ( k ) + V R = 0
i

i

k

k ,i

i ⫽1,…,NC k ⫽ 1,…,N
where the k index is the reactor being referred to. For simple
kinetics, the algebraic equations systems [18] can be solved
analytically and give the evolution of the composition by
proceeding from one reactor to another. To check the
peculiar overall behaviour of a series of N identical reactors,
for example, simple irreversible first order kinetics (r⫽kCA)
can be considered inherent to the A⫺ B reaction performed
in diluted conditions. In this simple case, the concentration
leaving the last reactor in the series is given by:
䉴

[19]

CA( N ) =

CA( 0 )
(1+ kτ / N )N

where t indicates the overall residence time in the battery
system, calculated with reference to the overall reactor
volume (t⫽VR,tot /QF ). If the partition were extended to its
extreme, that is to consider a series of an infinite number of
CSTRs, whose volume were of an infinitesimal value,
applying equation [19] following result is obtained:
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[20]

CA( 0 )
= C ( 0 ) exp(− kτ )
N →∞(1+ kτ / N
)N A

lim CA( N ) = lim
N →∞

that is, a series of infinite CSTRs is equivalent to a PFR.
In actual fact, in industrial practice, batteries with more
than 4 or 5 reactors are rarely used: indeed, even at this
partitioning level performances comparable with those of
tubular reactors can be reached.
PFR with external recycling

To realize a perfectly stirred reactor (a reactor which
at any point has the same chemical composition) is not
an easy task. One way to realize a perfect CSTR, at least
on a laboratory scale, is to build a tubular reactor (PFR)
with external recycling as shown in Fig. 4 C. Note the
presence of a mixing node (feed⫹recycle) and a
partitioning node (where the flow rate leaving the
reactor is split between the real exit stream and the
recycling stream back to the feed). It is important to
underline that the partitioning node does not alter the
composition of the fluid streams involved because it only
splits the main stream into two secondary streams; the
mixing node instead, also alters the composition besides
the flow rates. In fact, the stream leaving the node has a
flow rate that is the sum of those of the entrance and a
composition that is the weighted compositions average
of the two feed streams whose weights are determined by
the respective flow rates.
To study the performances of these configurations, for
sake of simplicity and without overgeneralizing, it is
possible to analyse the case where diluted conditions are
examined. The analysis of this system is simple because it is
sufficient to write the mass balance equations for all the
species inherent to the tubular reactor and relative to the feed
node:
[21]

dCi
= Ri
dτ R

[22]

QCiF + RCi( 2 ) = (Q + R )Ci(1)

Ci (τ R = 0) = Ci(1)

i ⫽1,…,NC

For simple kinetics, like that of the irreversible first order
(r⫽kCA), inherent to the A⫺ B reaction, the system of
differential equations [21] can be solved analytically to
provide the composition evolution along the reactor. By
analytically integrating the mass balance equation for the A
reactant and combining it with the node balance [22], the
composition value leaving the reactor can be directly
obtained from that of the entrance as a function of the
recycling ration f⫽R/Q and of the residence time,
calculated with respect to the inlet flow rate to the system
tR⫽VR/Q:
䉴

[23]

CA( 0 )e− kτ R /(1+ϕ )
CA( 2 ) =
1+ϕ −ϕ e− kτ R /(1+ϕ )

It is easy to demonstrate that by increasing the recycling
ratio f the reactor performances decrease (that is, the
leaving concentration CA(2) increases). For values approaching
infinite (f⫺ ⬁), equation [23] degenerates in the typical
CSTR expression: CA(2)⫽CA(0)/(1⫹ktR). In practice, an infinite
recycling ratio is not necessary: in fact, values in between 50
and 100 are sufficient to obtain perfectly stirred reactor
performances. Whenever more complex kinetics are
examined, the indicated values can submit to significant
䉴
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changes and thus it is important to verify the soundness of
the approximation directly from the case under examination.

Ideal non-isothermal reactor models
Rarely are chemical reactions free from thermal effects.
Thus, in studies of chemical reactors it is also necessary to
introduce, in addition to the mass balance equations, that of
the energy balance. This equation gives the system
temperature evolution as a function of the reaction progress
and of the amount of heat exchanged with the surrounding
environment by means of fluids acting as thermal vectors;
writing the energy balance will be developed here with
reference to the ideal reactors previously examined; extending
that equation to the more complex reactors is simple.
The energy balance for a chemical reactor contains the
contributions due to the energy content of the involved
chemical species (by taking into account both the breaking
and the formation of chemical bonds during the reaction,
both the feeding and the extraction of the reactants by means
of the entering and leaving streams), to the heat exchanged
with the surroundings and to viscous dissipation. Generally,
the latter contribution is not such an important percentage
except for cases where high viscosity systems are examined,
typical, for example, of some polymerization reactors.
Discontinuous reactor

The internal energy U of the fluid contained inside the
reactor can vary over time uniquely due to the energy
exchanged in the unit of time.with the external surroundings,
.
under the form of both heat Q and mechanical work W (the
latter component is usually negligible):
dU  
= Q +W
dt
.
The heat power Q exchanged with the external surroundings,
which is nil only in the case of adiabatic reactor operation,
depends on the difference between the internal temperature
of the reactor T and that of the thermal vector fluid Te, on the
reactor surface available for heat exchange SR and on the
overall energy transfer coefficient Ug, which accounts for all
heat transfer resistance:
[24]

[25]

Q = SRUg (T − Te )

In practice, it is useful to directly identify the system
temperature and the contributions due to the chemical
reactions involved; to obtain this result it is sufficient to
express the internal energy as a function of the system
T
composition, U⫽VR兺iCi(DŨ i0⫹∫T0c̃ V,i dT ), and to substitute
mass balance equation [3] in equation [24]:
NC

[26]

VR ∑ Ci cV ,i
i =1

(

)

(

)

NR
dT
= VR ∑ rj − ∆U R , j + S RU g T − Te + W
dt
j =1

where DŨ R, j indicates the molar internal energy change at
temperature T associated with the j th chemical reaction.
Moreover, to be compact, the sum of the products between
the concentration and the heat capacity for the ith chemical
species at a constant is usually indicated as r̃c̃ V, mix.
Perfectly stirred continuous reactor

The approach shown for the discontinuous reactor can be
immediately extended to the perfectly stirred continuous
F
reactor, being sure to introduce enthalpic contributions H̃
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and H̃ into the balance terms for the entering and the leaving
reactor streams, respectively:
[27]

.
Q

dU
= Q F r F H F − Qr H + SRU g (T − Te ) + W
dt

.
Qex
.
Qgen

In practice, in this case too, it is useful to directly identify
the system temperature and the contributions due to the
chemical reactions involved. To obtain this result, it is
sufficient to express the molar enthalpy of the stream as a
function of the system
composition,
T
H̃ ⫽兺iCi (DŨ i0⫹∫T0c̃ p,i dT ), and to substitute the mass balance
equation [5] in equation [27]; in steady state conditions this
obtains:
[28]

Q

∑C ∫ c
i =1

(b)
(d)

T

NC

F

F
i

p ,i

(c)

(a)

dT =

T

TF

NR

)

(

)

(

= VR ∑rj − ∆H R0 , j + S RU g T − Te + W
j =1

0 indicates the standard molar energy change
where DH̃ R,
j
associated with the jth chemical reaction. Moreover, to be
compact, usually r̃c̃ V, mix(T⫺TF ) indicates the sum of the
products of the concentrations of the ith chemical species
with the integral of its heat capacity at constant pressure
between the temperatures of the entering and leaving
streams.

Continuous tubular reactor

To write the energy balance equation for a tubular
reactor it is necessary to refer to an infinitesimal volume
instead of the entire reactor volume:
∂( r U )
∂(Qr H )
=−
+ aRU g (T − Te )
[29]
∂t
∂V
where aR indicates the heat exchange surface per unit reactor
volume (which, for a tubular reactor coincides with the ratio
between the perimeter and the section of the tube). It is to be
noted that there are no power dissipation terms due to
mechanical devices because there are none in tubular
reactors. To obtain the expression for the temperature
evolution, the previously described procedure can be
followed, which in steady state conditions leads to:
[30]

Q r c p ,mix

(

)

(

dT NR
= ∑ r − ∆H R0 , j + aRU g T − Te
dV j =1 j

)

being r̃c̃ p, mix⫽兺i Ci c̃ p,i
Thermal effects: multiplicity of steady states
and runaway

In a chemical reactor, the absorbed, or generated, heat
from chemical reactions is given or subtracted through a heat
exchanger. In steady state conditions, the two heat fluxes
have to be equivalent to keep the reacting system
temperature constant. This observation is at the basis of an
important phenomenon typical of continuous stirred
reactors, which can be easily demonstrated by equations [28]
and [5], where, for sake of simplicity, a unique reaction with
irreversible first order kinetics is performed in diluted
conditions. By taking into account that the reaction kinetic
constant generally assumes the Arrhenius form k⫽k0e⫺E/RT,
where k0 and are the frequency factor and E the activation
energy of the reaction, respectively; the two contributions for
the heat power generated and dissipated are the following:
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Fig. 5. Behaviour of generated

and dissipated heat powers for a CSTR.
Steady states multiplicity analysis: a, cold working point;
b, unstable working point; c, hot working point;
d, single intersection.

[31]

k 0 e− E / RT CiF ( − ∆H R0 )
VR
Q gen = − r ∆H R0VR =
1 + τ k 0 e− E / RT

[32]

Q ex = Q F r c p , mix (T − T F ) + SRU g (T − Te )

As shown in Fig. 5, the curve of the generated thermal power
as a function of temperature shows a typical S-shaped curve,
while the curve of the dissipated one has almost linear
behaviour. It follows that the intersections between equations
[31] and [32] represent the possible working conditions for
the reactor. Moreover, it can be observed that the number of
intersections varies as a function of the inclination of the
straight line representing the dissipated heat: either three
intersections or only one intersection is thus possible.
Therefore, in the first case, the continuous stirred reactor
presents a multiplicity of steady states. The stability analysis
of the working conditions creates an eigenvalues problem,
whose analysis, however, goes beyond the aims of this
article. To sum up, such an analysis definitely states that
only the cold point (a in Fig. 5) and the hot point (c in Fig. 5)
are stable working points for the reactor, while the
intermediate one (point b in Fig. 5) is unstable and thus any
small disturbance induced in the reactor produces a
migration towards one of the other two working conditions.
Another interesting effect, with dangerous
consequences, is fugitive (runaway) reactor behaviour. This
is typical of exothermic reactions and is independent of the
reactor type under consideration: if a disturbance in its
behaviour prevents thermal control, then it causes either a
temperature increase or a decrease in the heat dissipation
capacity (exponential behaviour of the generated heat
curve); the system is not able to react to the disturbance and
there is a loss of control in the working conditions, which
provokes sharp temperature increases with the consequent
formation of unwanted by-products or dangerous sharp
pressure increases. A simple criterion for this analysis was
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expresses the fraction of fluid whose residence time is
between t and t⫹dt; the F(t) function must be normalized
to obtain:

Table 2. Schematic representation of limiting

macro- and micromixing cases relating to residence
time distribution function within the reactor

∞

[34]
Mixing degree
macro

micro

Shape of the residence
times distribution
function

0

0

step

⬁

0

exponential

⬁

⬁

exponential

0

⬁

step

0

As a consequence, the mean residence time of the reactants
within the reactor is given by:
∞

[35]

( − ∆H ) k 0 e− E / RT (CiF ) n
F

[33]

(S

R

τ R = ∫τ F (τ )dτ
0

proposed by Nikolaj Nikolaevič Semënov, by means of the
definition of a dimensionless number y, given by the ratio
between the generated heat in the reaction volume at the
fluid temperature and the heat dissipation velocity by pure
Newtonian cooling, that is by convective heat transfer
towards a constant temperature wall:

ψ=

∫ F (τ )dτ = 1

)

ⲐVR U g T F

If the Semënov number is lower than the critical value
ycr⫽e⫺1, the reactor behaves in a stable manner; otherwise,
runaway conditions take place. The advantage inherent to the
Semënov number is its simplicity. However, today more
sophisticated criteria are available for risk estimation.

Real (non-ideal) reactor models
In practice, it is difficult to obtain perfect stirring or
segregation conditions and thus the real behaviour of chemical
reactors is substantially between the two limiting cases. The
mixing effects in reactors are often divided between the
contributions of two distinct mechanisms: micromixing, which
determines the degree of contact between species at molecular
level due to the local turbulent fluctuations of fluid velocity,
and macromixing, which instead is the result of the different
paths and by-pass fluxes or of the presence of stagnant zones
within the reactor. The two contributions are independent of
each other and therefore a macromixing state does not
correspond to an equivalent micromixing state, even though
there is an influence common to both.
An effective way to study such a situation is based on the
residence time distribution function F(t), which accounts for
flux non uniformity and whose product with dt, F(t)dt,

Once the residence time distribution function is known,
real reactor behaviour can be simulated by taking into
consideration an ensemble of reactors, each one linked to a
specific residence time, to finally reproduce the F(t)
function. In practice, the F(t) can be obtained by injecting a
tracer into the reactor under examination, whose
concentration within the reactor can be determined at any
moment. For a perfectly stirred continuous reactor, after a
step disturbance of the entrance conditions, the residence
time distribution function has an asymptotic exponential
step ⫽1⫺e⫺t/tR, while a plug flow reactor has a
trend, F(t)CSTR
step trend centred on the average value of the residence time;
the behaviour of a real reactor is therefore between the
extreme limits of two ideal reactors. A schematic
representation of the possible macro- and micromixing
configurations as a function of the residence time
distribution function is reported in Table 2, where the
perfectly segregated and the perfectly stirred situations are
indicated by 0 and ⬁, respectively.
The residence time distribution function influences the
conversion of the reactants obtained in the reactor. The
average value for conversion 具x典 can be calculated as
follows:
[36]

∞

∞

0

0

具ξ 典 = ∫ξ (τ )dF (τ ) = ∫ξ (τ )

dF (τ )
dτ
dτ

In simple first order kinetics, by substituting the expression
for the conversion and the residence time distribution
function, integral [36] gives the solutions found for the ideal
reactors exactly. This is indeed a peculiarity of first order
kinetics in which the conversion depends only on the
reaction time and not on the degree of mixing. For reaction
orders different from unity, different results are obtained and
thus the performances of the real reactor differ from those of
the ideal one. Some examples are illustrated in Fig. 6 where,
due to a significant reaction order and degree of mixing, the
average values of the conversion at reactor exit as a function
of the mean residence time are illustrated, placed in a

Fig. 6. Behaviour

of the mean conversion
value at reactor exit
depending on dimensionless
residence time for five
configurations characterized
by different combinations
of reaction orders and mixing
levels.
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dimensionless form with respect to the pseudo-first order
rate constant. It can be demonstrated that to know the real
performances of these systems it is necessary to determine
their fluid dynamics behaviour correctly by taking into
account both the fluid macro-circulation and the microscopic
mixing phenomena due to system turbulence.
As will be examined in detail below, today this problem
is faced by means of rigorous reactor simulations based on
computational fluid dynamics. However, there are two
approaches that facilitate a description of the behaviour of a
real reactor, which are more simple than that mentioned
above. The first originates from the observation that a series
of CSTR is able to adjust its performance to between that of
a single CSTR (perfectly stirred reactor) and that of a PFR
(perfectly segregated reactor); as a consequence, it is
possible to model real reactor behaviour by considering its
volume partitioned into an appropriate number of ideal
CSTRs, whose number is intended to reproduce the
residence time distribution function. The second approach,
instead, derives real reactor behaviour from that of the PFR,
by introducing dispersion effects perturbing perfect
segregation, due to the local diffusion of the reactants; such
cases are identified as axial dispersion models, whose
balance equations assume the following form:
[37]

∂Ci
∂C
∂2C
= −u i + DL , i 2 i + Ri
∂t
∂z
∂z

where z, u and DL,i indicate the axial reactor coordinate, the
average fluid velocity within the channel (usually called the
superficial velocity) and its axial dispersion coefficient,
respectively. The latter, which has the dimensions of a
diffusion coefficient, accounts for the dispersion of the
concentration front merely due to diffusive aspects
(concentration gradient) and to deviations of the velocity
profile from the idealized one, constant in the whole section.
The introduction of dispersion conditions introduces a
modification in the boundary conditions of mass balance
equation [37] compared to those of equation [10]. In fact, the
conditions inherent to the inlet and the exit sections of the
reactor assume the following form:
[38a] u (Ci − CiF ) = − DL , i

∂Ci
∂z 0

[38b] 0 = − DL , i

∂Ci
∂z

L

While the latter simply indicates a fully developed
concentration profile at reactor exit, the first shows the
existence of discontinuity in concentration value of the
reactants in correspondence with the inlet section, due
precisely to the dispersion effects within the reactor. These
boundary conditions are usually indicated as Dankwerts
conditions, even though they were formulated for the first
time by Irving Langmuir.
It is important to point out that both the approaches
illustrated above (a series of CSTRs and an axial dispersion
reactor) are able to reproduce the behaviour of any generic
reactor. In fact, it is possible to shift from one type of
description to another by obtaining, for example, the number
of reactors in a series which reproduces the value of the axial
dispersion coefficient and vice versa, through appropriate
correlations. The choice between one or the other
schematization is usually based on its computational
complexity (in favour of the battery) or on affinity of the
model to reality (a dispersion model apparently better
approximates the behaviour of a tubular reactor than a stirred
reactor). To reproduce the real behaviour of a reactor more
complex combinations of reactors are often also examined,
like those illustrated in Fig. 7, for example.

Heterogeneous reactor models
Only single phase reactors have been examined up to this
point. As has already been seen, in a real situation, it is very
frequent for reactants to be distributed among more than one
phase. Heterogeneous catalytic, gas-liquid and liquid-liquid
reactors are classic examples of this as well as three phase
gas-liquid-solid reactors.
In all the heterogeneous reactors the dispersion of one
phase is carried out inside the other. For the correct reactor
definition it is therefore necessary to establish which phase is
continuous and which is the dispersed phase. In
heterogeneous catalytic reactors, the catalyst particles
represent the dispersed phase while the fluid phase identifies
the continuous one. In gas-liquid reactors two limiting
configurations are possible: in the first, the most frequent, the

Fig. 7. Diagram of the ideal

reactor arrangements most
frequently adopted to
reproduce real reactor
behaviour:
A, PFR⫹dead volume;
B, CSTR⫹dead volume;
C, CSTR⫹by-pass;
D, CSTR⫹dead
volume⫹by-pass;
E, PFR⫹CSTR.

A
B

D
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liquid phase is the continuous one while the gas bubbles are
the dispersed phase (bubble reactors, whether or not equipped
with external stirring); in the second case, less frequent, the
liquid phase is dispersed in the gaseous phase (spray reactors,
where liquid drops are sprayed within the gaseous phase).
In all the heterogeneous reactors the heat and mass
transfer between phases plays an important role in defining
their performances. In the following, the different
homogeneous reactor models will be modified to represent
the heterogeneous system.
Heterogeneous catalytic reactors

In heterogeneous catalytic reactors the reactions occur
within the catalytic particle; in this framework, it is
therefore more convenient to refer the reaction rate to the
unit of catalyst mass instead of to the unit of volume.
Moreover, the catalytic particle, because of internal
resistance to the transport of mass, usually presents a
concentration profile like that illustrated in Fig. 8 A which
thus causes a different reaction rate inside the particle with
respect to its surface. All the above is expressed as
effectiveness factor h, whose use allows the omission of the
particle model during the solution of the balance equations
for the reactor. Accordingly, before examining how the
equations previously developed for the homogeneous
reactors modify, it is useful to study the behaviour of a
single catalytic particle to define a functional relationship
expressing the effectiveness factor for the particle as a
function of a specific chemical reaction.
As far as catalyst effectiveness is concerned, it is
important to remember that the rate of a catalytic reaction is
influenced, besides the chemical nature of the reaction, also
by the physical phenomena of mass and heat transport. As
illustrated in Fig. 8 B, the fluid phase components, before
reacting, need to disperse from the heart of the mixture bulk
to the particle surface and then inside it through its pore
network; the reverse path has to be followed by the reaction
products. Because of the intraparticle diffusive processes and
the consequent consumption of the reactants due to the
chemical reaction, a concentration profile develops inside
the particle whose average value can differ greatly from that
existing in correspondence with the particle surface. Thus,
the particle effectiveness concept has the aim of reducing its
overall behaviour to a unique functional relationship through
the combined effect of both the chemical effects occurring
inside it and intraparticle mass transport phenomena.
Consequently, catalyst effectiveness h indicates the ratio
between the observed reaction rate and that of the hypothesis
of what would occur if the intraparticle diffusive phenomena
were absent and thus all the reaction took place at the
surface concentration throughout the whole particle. It can
Fig. 8. A, typical behaviour
of the concentration Ci of the i-th
reactant within a catalytic particle,
supposed spherical (r is the radial
coordinate and CiS the concentration
on the external surface); B, diagram
of chemical and physical phenomena
occurring inside a catalytic particle
(steps 1, 2, 6 and 7 of a physical nature
and steps 3, 4 and 5 of a chemical
nature).
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be demonstrated that effectiveness depends on a
dimensionless parameter, called Thiele’s module:
[39]

k⬘
S p Dieff

Vp

where Vp, Sp, D ieff and k⬘ are the volume and the external
surface of the catalytic particle, the effective diffusion
coefficient of the reactants within the particle and the
pseudo-first order kinetic constant (k⬘⫽r̃r̂s /Cis), respectively.
As a result of the findings above, in heterogeneous
CSTR and PFR, the production rate for the ith species due
to the effect of the reactions is given by the following
expression, where the reaction rate is calculated at a
concentration corresponding to that of the catalytic
particle external surface and all the resistance to
intraparticle diffusive transport is computed through
effectiveness factor h:
NR

[40]

Rs ,i = ∑ν ik rs ,k ηk
k =1

To convert such a contribution to that specific to the unit of
reactor volume it is necessary to multiply it by the catalyst
‘poured density’ r̂s (1⫺e), where r̂s and e are the density of
the catalytic particle and the void fraction of the bed,
respectively:
[41]

Ri = rˆs (1 − ε ) Rs ,i

In steady state conditions, the mass balance for a CSTR used
to perform catalytic reactions, where the catalyst is
uniformly dispersed in its volume, is directly obtainable by
substituting equation [41] in the equation [5]:
[42]

Q F CiF − QCi + Rs ,i rˆs (1 − ε )VR = 0

For the tubular reactor, it is also sufficient to substitute
equation [41] into equation [10] in steady state conditions to
obtain:
[43]

d (QCi )
= Rs ,i rˆs (1 − ε )
dV

Equation [43] can be generalized analogously to [37] to
include axial dispersion contributions; in this case,
appropriate correlations to estimate the axial dispersion
coefficient valid for packed bed rather than for empty tubes
have to be used.
Gas-liquid reactor

In the gas-liquid reactor simulation, besides the kinetics
of the chemical reaction, it is important to correctly describe
the amount of matter exchanged through the interface; for
such a description it is necessary to know two factors: the
mass flux between the phases and the interface extension.

Csi
Ci
r
A

φ=

1- reactants external
diffusion
2- reactants intraporous
diffusion
3- reactants adsorption
4- surface reaction
5- products desorption
6- products intraporous
diffusion
7- products external
diffusion

1
7

2
6

3

5
4

B
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Usually, only some of the reactants and reaction products are
distributed between the two phases, while in the large
majority of processes the chemical reaction occurs in the
liquid phase. If the reaction is particularly fast, it is localized
within the interfacial film, but it generally happens in the
absorption processes (for example, in CO2 absorption in
alkaline solutions) instead of in processes properly devoted
to perform a chemical reaction, like oxidation,
hydrogenation or halogenation.
Generally, the flux expression is obtained by applying
the two-film theory, which assumes the resistance to mass
transfer is localized both in liquid and gaseous films.
Moreover, it is assumed that the concentrations in
correspondence with the interface are in thermodynamic
equilibrium. Accordingly, under these assumptions, the mass
flux expression between the phases takes the following form:
[44]

(

J i = kie Ci ,G − K i Ci , L

)

where kie and Ki are the overall mass transfer coefficient and
the equilibrium partition constant, respectively. The
equilibrium partition constant assumes the form Ki⫽Higi /p
for the supercritical species and Ki⫽p0i gi /p for the subcritical
ones, Hi, gi and p0i being Henry’s Law constant, the activity
coefficient and the vapour pressure for the examined species,
respectively. The overall mass transfer coefficient, in
agreement with the two-film theory, assumes the following
expression:
[45]

1
1
Ki
=
+
kie kG , i E kL , i

where r̂L, VL, as, Ji are the molar density for the liquid phase,
the volume occupied by the liquid phase inside the reactor,
the specific interfacial area (with respect the liquid volume)
and the mass flux between the two phases, respectively.
Instead, the single species mass balance is assumed to be the
following:

(

d C L,iVL

) = RV

+ as J iVL + QLF C LF,i − QL C L ,i
i L
dt
where, CL,i, Ri and QL are the molar concentration in liquid
phase for the examined species, its specific production rate
in the liquid volume as a result of the effect of chemical
reactions (see equation [2]) and the volumetric flow rate for
the liquid phase, respectively. Hypothetically, if chemical
reactions do not occur in the gaseous phase, the mass
balance for the ith chemical species in gaseous phase can be
written as follows:
[47]

[48]

(

d VG CG,i
dt

) = −a J V
s

i

L

+ QGF CGF,i − QG CG ,i

where CG,i, VG, and QG are the molar concentration in
gaseous phase for the considered species, the volume of the
gaseous phase dispersed within the liquid matrix and the
volumetric flow rate for the gaseous phase, respectively;
consequently, the overall mass balance for the gaseous
phase, necessary to calculate the gas flow rate leaving the
reactor, is given by the following relation, where the gas
inventory is assumed negligible and where r̃G indicates the
gas molar density:
NC

where kG,i and kL,i are indeed the mass transfer coefficients
inherent to the two phases in contact and E is the enhancing
factor which accounts for the effect of fast reactions on the
mass transfer; this coefficient can be estimated
11
11through
correlations based on Hatta’s module MH⫽冪Di kr CLB /kL,i
where Di is the liquid phase diffusion coefficient for the
migrating species, kr is the rate constant for the reaction
between the gaseous species and the B reactant in the liquid
phase, and finally kL,i is the mass transfer coefficient in the
liquid phase. In the limiting case in which the reactant in
liquid phase is present in large excess compared to the one
transferred from the gaseous phase, the reaction can be
considered to be one of a pseudo-first order and
consequently the enhancing factor can be estimated as
E⫽MH /tanhMH. To estimate the mass transfer coefficients,
as well as the interfacial area per unit reactor volume, many
correlations are available; for those expressions Chapter 4.2
can be consulted.
In the perfectly stirred gas-liquid reactor, if it is possible
to assume perfect mixing for the two phases (gaseous and
liquid) in contact, the reference scheme for the mass balance
equations is that reported below; such a formulation matches
both semi-continuous configurations (like gas phase fed and
discharged continuously and discontinuous liquid phase) and
continuous feed configurations for both phases; moreover,
usually the mass inventory in gas compared to that of the
liquid phase is assumed negligible because of the large
difference in the density values for the two phases (a ratio of
about 1/1,000); accordingly, the overall mass balance
equation for the liquid phase assumes the following form:
[46]

364

(

d rLVL
dt

) = aV
s

NC

L

∑J
i =1

i

+ QLF rLF − QL rL

[49]

QG rG = QGF rG − asVL ∑ J i
i=1

To complete the model description, it is necessary to
determine the volume occupied by the two phases within the
reactor, or more precisely the volume of the gas phase
dispersed within the liquid phase. This amount is usually
expressed through the e ratio (hold-up), between the volume
of the gas phase and the overall volume:
[50]

ε=

VG
VG + VL

The hold-up value is influenced by the fluid dynamics
regime existing in the reactor and it is substantially
determined by the rising velocity of the gas bubbles within
the liquid mass; thus, the larger the superficial velocity for
the gaseous phase (uG⫽QG /WR) compared to the natural
bubble rising velocity (uGT), the higher the e value; usually
semi-empirical correlations are available for its estimation in
the different reactor configurations as a function of the
physical properties of the fluids in contact, of their
volumetric flow rates and of the reactor section WR.
Usually, in segregated gas-liquid reactors, to describe
the behaviour of both phases or simply one of them, an axial
dispersion model is used as reference; accordingly, under the
same general hypotheses adopted to analyse the stirred
systems and in steady state conditions, the mass balance
equations for the single species and for the overall system
reduce to:
[51]
[52]

NC
NC
d (u L rL )
= (1 − ε )∑ Ri + as ∑ J i
dz
i =1
i =1
d (u L C L , i )
d 2CL , i
= (1 − ε ) DL , i
+ (1 − ε ) Ri + as J i
dz
dz 2
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[53]

d (uG CG , i )
d 2 CG , i
= ε DG , i
− as J i
dz
dz 2
NC
d (uG rG )
= − as ∑ J i
dz
i=1






[54]

where uL, uG, e, DL,i and DG,i are the superficial velocities for
the liquid and gaseous phases, the local hold-up and the two
axial dispersion coefficients for the two phases, respectively.
The previous equations, being inherent to a description
involving axial dispersion, need to be linked to Danckwerts-like
boundary conditions analogous to equation [38].
Fluidized bed reactors and slurry reactors

These reactors have features which are intermediate
between those of the two heterogeneous reactors (gas-solid
and gas-liquid) previously examined; in fact, while the
reaction takes place through the interaction between the
gaseous phase reactants and the solid particles (catalytic or
not), the latter are, however, free to move within the reactor;
thus the solid phase also has behaviour similar to that of a
fluid. In fact, if the velocity of a fluid flowing through a bed
of solid particles exceeds a threshold value (the minimum
fluidization velocity), the solid mass starts moving in a
similar way to that of a liquid. Usually, the stirring thus
obtained is enough to allow its behaviour to be assimilated
into that of well stirred system. Moreover, the gaseous phase
flowing through a fluidized bed for large velocity values
causes the formation of by-pass streams similar to those
typical of the bubbles rising within a liquid. This is known as
boiling fluidized beds. From the above, it is clear that the
formulations obtained for the gas liquid reactors can also be
easily extended to these systems.
If the fluid flowing through the solid mass is a liquid, a
solid suspension is originated, often kept stirring by
mechanical devices; these systems are known as slurry
reactors.
For both systems, the availability of suitable correlations
to estimate the fluidization velocity and the by-pass flow
rates as a function of the physicochemical properties of the
two phases in contact is particularly important.

New trends in reactor simulation
The great reliability and development of computational
facilities and computational fluid dynamics software has
opened new possibilities in reactor simulation and
consequently in procedures for their design. In fact, today it is
possible to fully simulate reactor behaviour by inserting
equations appropriate for the description of fluid motion,
written in differential form, within mass and energy balance
equations. Because in the great majority of the cases, chemical
reactors operate in turbulent regime, it is necessary to complete
fluid motion equations with equations for the turbulence model
through which it is possible to estimate the transport
parameters involved in the balance equations, like species
diffusivities and fluid viscosity. Usually, in chemical reactor
simulations, the model equations are written from an Eulerian
point of view, even though, for some particular systems where
the bubbles or the particulate trajectories have to be accounted
for, mixed Eulerian-Lagrangian approaches are adopted.
To highlight a significant example of the use of reactive
computational fluid dynamics in chemical reactor
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simulations, a complex case like that of a gas-liquid reactor
in air-lift configuration can be examined. This is a reactor
where the fluid motion is induced by density gradients
originating from various gas hold-ups in different reactor
zones. Accordingly, by assuming an Eulerian point of view
for the two phases, for each of them it is necessary to write
the continuity equation:

)

[55]

∂ ( ra ea

[56]

∂ ( ra ea ua

)

+ ∇ ( ra ea ua = 0
∂t
and the three Navier-Stokes equations, one for each
component of fluid velocity,

∂t

)+∇

(r e u u )
a a

a

( )

− ∇ ta =

a

Np

= −ea ∇P + ra ea g + ∑ Dab
b =1

where with ea, ua, ta, P and Dab the volumetric fraction, the
velocity vector and the viscous stress tensor for fluid a, the
system pressure and the friction force between the phases,
respectively, are indicated. The latter can be estimated from
the difference between the two velocities through drag
coefficient Cab:
[57]

(

Dαβ = Cαβ uβ − uα

)

It can be observed that, for each phase, an equation of state
is also necessary to describe its density as a function of the
local physicochemical conditions, ra⫽ra(Ta,Pa). It is
necessary to impose the constraint:
Np

[58]

∑ε
α =1

α

=1

inherent to the volumetric fraction of the phases.
As has already been stated, because these reactors
operate in turbulent regime, equations for the turbulence
model have to be added; one of the most commonly used
models is the k-e model, the equations for which have been
omitted for brevity (see Chapter 4.2). The numerical
procedure for the model solution assumes that, at the first
attempt, the velocity of the liquid phase, the pressure and the
local hold-up values are known; the algorithm then solves
the Navier-Stokes equations for both phases and gives an
updated value for the fluids velocities and for the hold-ups.
These values are then adopted in the next iteration as new
starting points, until the whole procedure reaches the desired
convergence.
Naturally, in chemical reactors, interest is not only
centred on fluid dynamics and thus it is also necessary to
add the mass balance equations for any individual species
and the energy balance:
[59]

[60]

∂Ciα
∂t

)

(

+ uα ∇Ciα = ∇ Diα ∇Ciα + Riα

 ∂T

rα C pα  α + uα ∇Tα  = ∇ kT α ∇Tα +
 ∂t


(

NR

)

(

)

+ ∑ rjα ( − ∆H jα ) + U αβ Tα − Tβ Sαβ
j =1

where Uab and Sab are the heat transfer coefficient between
phases and the interface surface between the phases specific
to the unit of volume.
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magnitude, makes the numerical solution of the model
easier.
The dimensionless numbers which are most often
encountered in chemical reactor engineering practice are
summarized in Table 3, each one with its definition and
physical meaning.
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Fig. 9. Example of fluid dynamics simulation

for a stirred reactor performed through computational
fluid dynamics software: A, flow field; B, dispersion
of reactant after injection close to the stirring device.

By means of this kind of simulation it is possible to learn
the local chemical composition values in great detail as well
as all the fluid dynamic parameters in the system, even in
reactors characterized by very complex geometries;
information about fluid microsegregation and about dead
volumes are thus obtained. It is also possible to verify the
presence of zones where important by-product accumulations
occur; these can have negative impact both on system safety
and on conversion, yield and selectivity performances.
Moreover, computational fluid dynamics allows the
correct design of mechanical dispersion systems (like the
stirrers) and the study of the reactant injection modes
effective in obtaining conditions as close as possible to those
of ideal reactors; Fig. 9 shows a simulation of the flow field
from two inclined turbine blades within a stirred reactor and
the visualization of reactant dispersion caused by its
injection into the proximity of the stirrers.
Accordingly, it appears clear that today these detailed
approaches are playing a greater and greater role in the
design of chemical reactors with advanced features and
performance. The development of computational devices is,
to all intents and purposes, reducing the importance of
‘intermediate’ approaches, and consequently it can be
predicted that the evolution of chemical reactor design
methods will focus on either the use of simple models, based
on perfect stirring or piston flow, or the use of detailed
models based on reactive computational fluid dynamics,
whose final aim is to design reactors correctly and make their
behaviour as similar as possible to that of ideal reactors.
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List of symbols

Dimensionless numbers in reactor
engineering

aR
as
Cab
Ci
c̃ V,i
c̃ p,i
Di
DL,i
Dab
E
E
F(t)
H
Hi

Once the mass and energy balance equations inherent to
the reactor under examination have been written, it is good
engineering practice to place all the variables in a
dimensionless form. By doing that, groups of variables (the
dimensionless numbers) are highlighted, the aim of which is
to compare one phenomenon (of a reactive, diffusive or
convective nature) to the others, thus clarifying their relative
importance and suggesting possible simplifications: an
equation correctly transformed into dimensionless form, by
reducing all the terms to similar values in order of

Ji
K
k0
kci
Ki
L
MH
N
NC
NR

heat exchange surface per unit volume
specific interfacial surface per unit liquid volume
friction coefficient
molar concentration for the ith species
heat capacity at constant volume for the ith species
heat capacity at constant pressure for the ith species
diffusion coefficient for the ith species
axial dispersion coefficient for the ith species
friction force between phases
activation energy
enhancing factor
residence time distribution function
enthalpy
Henry’s Law constant for the ith species in the
solvent under examination
interfacial molar flux
reaction rate constant
frequency factor for the reaction rate constant
laminar mass transfer coefficient for the ith species
equilibrium partition constant between phases
reactor length
Hatta’s module
a number of CSTRs in series
number of chemical species
number of chemical reactions

ENCYCLOPAEDIA OF HYDROCARBONS

CHEMICAL REACTORS

Table 3. Dimensionless numbers typical of reactor engineering
Number

Definition

Damkoler

Da =

Physical meaning

R i L

residence time
1111131111133
characteristic reaction time

Ci u
gβT r2 L2T

Gr =

Grashof

µ

λ

Kn =

Knudsen

buoyancy force
3331111133
viscous forces

2

mean free path
11331111133
characteristic length

L

Pr =

Prandtl

convective mass transport
13333333333331133311133
diffusive mass transport

uL
D

Pe = ReSc =

Péclet

µCp
kT

momentum diffusivity
1133333333331133311133
thermal diffusivity

Rayleigh

Ra = GrPr

buoyancy forces
13333333311133
viscous forces

Reynolds

Re =

ruL
µ

inertial forces
333133311133
viscous forces

Schmidt

Sc =

µ
rDi

momentum diffusivity
33313331111111133
mass diffusivity

φ=

Thiele

Vp

eff
i

Sp

D

characteristic film diffusion time
33333111133111111133
characteristic reaction time

Di kr C LB

MH =

Hatta

characteristic internal diffusion time
3333331111133111111133
characteristic reaction time

k'

k L ,i
( − ∆H ) k 0 e− E / RT (CiF ) n
F

Semënov

Sherwood

ψ=

SV UT
Sh =

F

kc d

convective mass transport
33333133111111133
diffusive mass transport

Di
p
p0i
Q
.
Q
R
R
Ri
rj
Sab
SR
T
t
U
Ug

pressure
vapour pressure for the ith species
volumetric flow rate
thermal power exchanged with the environment
recycled volumetric flow rate
universal gas constant
specific molar production rate for the ith species
rate for the j th chemical reaction
interfacial surface specific to the unit volume
heat exchange surface
thermodynamic temperature
time
internal energy
overall heat transfer coefficient
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heat generation rate
333111111133
heat dissipation rate

Uab
u
u
uGT
V.
W
z
Z

interfacial heat transfer coefficient
superficial fluid velocity
fluid velocity vector
bubbles terminal rising velocity
reactor volume
mechanical power exchanged with the environment
reactor axial coordinate
isothermal compressibility factor

Greek letters
activity coefficient
gi
DŨ i0
standard molar internal energy of formation change
for the ith species
0
standard molar enthalpy of formation change for the
DH̃ i
ith species
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0
DŨ R,
j

DH̃ R, j
e
h
h
nij
x
r̃
/
F
f
兺
t
ta
y
W
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standard molar internal energy change associated
with the jth chemical reaction
standard molar enthalpy change associated with the
jth chemical reaction
bed void fraction
yield in the product
catalyst effectiveness
stoichiometric coefficient for the ith species in the
jth reaction
reactant conversion
molar density
Thiele’s module
volumetric flow rates ratio (exit/feed)
volumetric recycling ratio (recycled flow rate/feed
flow rate)
selectivity between the reaction products
residence time
viscous stress tensor for the generic phase
Semënov’s number
reactor cross section

Superscripts
F
feed conditions
0
initial conditions
˜
molar property
e
effective property
Subscripts
R
L
G
S
e
mix
p

reactor
liquid phase
gaseous phase
solid phase
external fluid thermal vector
mixture properties
particle
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